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PPARENTLY there is no end to the study of 

producing good lubricating oils. 
The word “revolutionize” has been applied to 
what has happened in the manufacture of lube oils 
twice during the past decade. Some ob- 


Good servers seem to feel that we have done 
Siok, about all that can be done in process de- 

— velopment, toward making better lubri- 
cants. Others see the technical end of modern 


methods already and prophesy a time when still 
further separation of the best of what is now the 
best, will come about. 

Time was when every one was happy with light, 
medium and heavy automotive lubricants. No need 
tracing the history for it is too familiar. Pennsyl- 
vania and Mid-Continent oils had a run for their 
money during winter months in cold climates be- 
cause of better “cold test” oils from the Gulf Coast 
and other districts. Some one decided to sell “green 
cast’’ oils and more money was spent on patents 
probably, than was taken out in profits by the in- 
dustry by those who followed the green cast parade. 
All refiners learned how to make low cold test oils. 
All refiners now know how to apply the solvent ex- 
traction and the solvent dewaxing processes to best 
advantage and separate paraffin from others and 
make good oils. 

But they are good enough, and other problems 
confront the lubricating oil technologists, if we are 











to accept the viewpoint of some commentators. 
Take for example the remarks of Dr. Benjamin T. 
Brooks, in Chem. and Met. for January, 1936, 
“Chemical Trends in Petroleum Refining”, where 
he states: “Although such processes (solvent extrac- 
tion and dewaxing) make it possible to separate oils 
of the paraffin type, having good viscosity index 
characteristics, they are like other highly refined 
lubricants in that they have a poor load-carrying 
capacity. Little has been said of this defect, but 
the advantage of such solvent extraction processes 
in other respects has greatly increased the funda- 
mental study of lubricants and accentuated the im- 
portance of addition products for the purpose of 
improved lubrication.” So the problem of load- 
carrying capacity, not yet being solved, calls for 
what may become an extensive application of an- 
other development. 

Nor is that all. The problem of corrosiveness of 
lubricating oils in service is not solved. Anti-oxi- 
dants may be the solution, according to some. But 
it is known that not all lubricants can be used on the 
so-called silver-cadmium automobile engine bearings 
and not corrode them. In fact, it is reported that 
Pennsylvania and Mid-Continent lubricants (as a 
group—and there may be some exceptions) are not 
making the grade, and are corrosive. Whereas, and 
for some reason as yet unexplained, the Gulf Coast 
oils are very good—and practically non-corrosive. 
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The explanation need not matter. The problem is 
one of finding the corrective addition agent, anti- 
oxidant, or what not. And the chemist will continue 
to be a busy man. 


EAR with the editor of THE REFINER while a 

fine thought is “borrowed” from a good friend, 
editor S. D. Kirkpatrick of Chemical and Metallur- 
gical Engineering, who in January, writes as fol- 
lows: “Technology and Eco- 
nomics will be inseparable 
companions of the chemical 
engineer as he faces the im- 
portant problems that lie ahead in 1936. Every 
technical improvement in product or process will 
turn on a careful balancing of economic factors. 
Every major economic trend in an industry will 
likely affect its technology. Future chemical engi- 
neering plans must take both technology and eco- 
nomics into consideration.” . . . Surely there can 
be no sin in an editor in Houston and an editor in 
New York writing along similar lines. 


Economics and 


Technology 


In the January issue of THE REFINER and on this 
page THe REFINER announced an important pro- 
gram involving presentation of a large group of 
articles during this year, dealing with the important 
subject of Engineering Economics. And here again 
in December, 1935, it was announced that a deal 
of attention would be given to engineering and to 
the economical application of engineering data to 
plant design, construction and unit operation. En- 
gineering Economics probably will show up many 
times during the next year or so. There is no ques- 
tion of the importance of technology, engineering, 
and economics knowing all of what each is all about. 
Management is going to demand that technologists, 
engineers and economists know their aims, their de- 
signs, their operations and their costs more in the 
future than at any time in the past. The business 
of profitable operation will demand that manage- 
ment in turn demand the best that men and equip- 
ment can provide. 

In the Engineering Economics group of articles 
this month begins a series of two articles by 
Charles T. Chave dealing with vacuum distillation 
equipment in petroleum refining—which is the first 
thorough and comprehensive treatment of this im- 
portant phase of refining that has appeared. In 
addition, Dr. R. L. Huntington contributes some 
up-to-date data on stage separation as it affects gas- 
oline plant operation; Dr. B. A. Stagner, writing 
on the subject “Sulfur Dioxide and Fresh Sulfuric 
Acid from Refinery Acid Sludge”, presents infor- 
mation of a technical nature which will prove very 
interesting to refiners handling large quantities of 
acid. L. C. Trescott goes into the research and 
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process development laboratory, takes it apart, lets 
you watch it work, and makes some timely sugges- 
tions and comments. 


Next month comes a valuable discussion of crack- 
ing and coking operations, some information right 
up to the minute on asphalt cutting, and the be- 
ginning of an important discussion pertaining to 
gasoline plant design and construction—and others. 


66 EEN judgment of the basic conditions and 
long experience are just as essential in the 
petroleum refining business as in any other. Suffi- 
cient capital must always be available to replace ob- 
solete equipment, in order to 


: npetition in quality and 

Judgment meet cor petit | y 
dM cost; the refinery must be finan- 
_ page J cially able to meet the continual- 


ly increasing and relentless demand for improved 
quality of gasoline and lubricating oils necessary 
for the modern automobile, airplane, and industrial 
machinery ; the best scientific and engineering talent 
must be employed to develop new processes and 
equipment to produce these products. There is no 
standstill in development, and the investment in 
order to satisfy the customer is apalling. The pro- 
ducer (of crude oil) might take a gambler’s chance, 
staking his fortune on a single oil well—and be suc- 
cessful; whereas a refining enterprise has not the 
slightest chance to survive if any of these funda- 
mental requirements is neglected.” The foregoing 
is quoted from “American Petroleum Industry,” 
just released by the American Petroleum Institute. 
Quoting further “The investment in refining equip- 
ment has mounted every year with the increased 
demand for better quality and large variety of pe- 
troleum products to meet the many changes and 
new uses created by the rapid technical develop- 
ment of the internal-combustion engine and indus- 
trial machinery. 

‘Before cracking became an essential part of re- 
fining operation—at first for reasons of conservation 
of crude, and later on for the production of the 
type of motor fuel the rapid evolution of the mod- 
ern internal-combustion engine demanded—an effi- 
cient distillation unit for a 5000-barrel topping 
plant, designed to operate on Mid-Continent crude 
and manufacturing straight-run gasoline of ‘U. S. 
Navy’ specifications (as the trade called it), kero- 
sene, gas oil and fuel oil, could be built for about 
$25 to $40 per barrel crude-charging capacity. To- 
day, an efficient 35,000-barrel capacity combination 
topping and cracking refinery, which will produce 
the maximum yield of gasoline, the various grades 
of kerosene, furnace oil and fuel oil the trade de- 
mands and specifies, costs about $5,000,000.” 


(See Page 43a) 














Vacuum Equipment 


in the 


CHARLES 'T. CHAVE 


Alco Products, Inc. 


FART 3 


FE every new field, engineering begins as an art and 
develops into a science. The application of scientific 
knowledge, particularly quantitative data, to a new en- 
gineering problem results in a greater refinement and 
precision of design, adding to the usefulness of the 
process or apparatus in question. : 


One particular problem which has been in a large 
measure neglected is the problem of maintaining a 
vacuum in chemical apparatus, more especially in the 
oil distillation unit. The reason for this is that, gen- 
erally speaking, vacuum-producing equipment is re- 
garded as being in the gadget class—a necessary evil, 
slightly mysterious at that. When overdesigned, at 
slight initial cost as compared with other elements of 
the distillation unit, it operates with satisfaction, and 
no one knows the extent of the overdesigning. 


When underdesigned, however, the importance of the 
vacuum apparatus is suddenly magnified. More than 
once, a set of vacuum pumps, or a barometric condenser 
which was wrongly selected, has caused trouble to both 
the refiner and the designing engineer. In the writer’s 
experience, this underdesign of at least a part of the 
vacuum-producing system, combined with the wasteful 
hut compensating overdesign of another part, is the 
usual thing. Barometric and jet condensers, and steam- 
jet air pumps, were developed primarily for use in the 
steam power plant. Steam-jet air pumps are a fairly 
modern development, and though much research has 
been made, resulting in much improvement in economy 
and operating characteristics, this knowledge is kept 
strictly guarded by only a few manufacturers. A liter- 
ature search would yield the laymen little of value in 
this connection. Barometric and jet condensers were de- 
veloped for the steam engine primarily. The design 
data available is largely related to engine performance; 
the required vacuum, the amount of non-condensables 
to be handled and the economy in water consumption 
impose far less stringent requirements on the capabilities 
of the apparatus than are encountered in the oil re- 
finery. 

Continuous vacuum distillation is a well developed 
process, and is to be found in almost every large mod- 
ern refinery. The following examples illustrate its ap- 
plication : 

1. The two-stage distillation unit, running to asphalt 
or heavy cylinder stock. It has become almost 
standard practice to recover all cuts boiling above 
gas oil under vacuum when a heavy residue is de- 
sired. 
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. The vacuum-flash tower. On certain crudes, re- 


duction to a fuel oil bottoms in an atmospheric 
tower and vacuum flashing of the residue to yield 
asphalt is desirable. Even vacuum towers have 
been provided with auxiliary flash towers for mak- 
ing an unusually low penetration asphalt residue 
on Mid-Continent crude. 

The vacuum-flash tower for cracked residues. The 
use of vacuum-flash towers for reducing cracking- 
still tar to asphalt, and the recovery of gas oil 
which may in many instances be returned to the 
process, is increasing. In some cases the reduced 
crude charge is flashed, leaving a high quality vir- 
gin asphalt residue, the overhead being a clean 
charging stock. This practice undoubtedly will in- 
crease when old cracking processes are revamped. 
The reduction of Pennsylvania cylinder stock to a 
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highly viscous bottoms (800 SSU at 210°F), and 
the recovery of overhead lube stock. 

5. The rerunning of treated pressure distillate. This 
material must be distilled at such low temperatures, 
to prevent discoloration, that vacuum distillation 
of the heavy ends is usually necessary and eco- 
nomical. 

6. The fractionation of solvent treated and deasphalt- 
ized stocks. This will naturally require vacuum 
operation, and its development will increase. The 
operation will be highly similar to the vacuum 
distillation of reduced Coastal crude. 

In order to maintain a vacuum on any system, it is 
necessary to continuously remove the vapors and gases 
in the system by condensing the vapors, insofar as is 
possible, and by removing the vapor saturated gas by 
means of a suitable pump. Needless to say, the rate of 
vapor condensation and gas removal must correspond 
with the rate of vapor and gas production. Vacuum 
distillation is practical when: 

a. The bulk of the distillate to be condensed and re- 
covered has a low vapor pressure at circulating 
water temperature. 

b. The non-condensable gases and vapors are present 
in such proportions that they can be pumped from 
the system economically. 

It is most important for the designer of any distilla- 
tion system to bear in mind that pumping vapors and 
gases to atmosphere from high vacuum is the most ex- 
pensive pumping process known. 

The conditions which occur in various problems of 
vacuum distillation vary, and may be illustrated by an 
examination of various oil refinery processes. 





FIGURE 1 


Figure 1 illustrates a conventional vacuum distilla- 
tion unit. The overhead distillate is mixed with steam, 
and has a considerably lower vapor pressure than water. 
It is then possible to condense the oil and the steam 
separately. 

Here a conventional vacuum fractionating tower is 
shown. This set-up is typical for a two-stage crude 
unit, a reduced crude unit, or a lube rerun unit. The 
charge is usually a 50 percent reduced crude with an 
initial of 450°F-500°F. Gas oil is recovered overhead, 
while wax distillate, wax slop and cylinder stock are 
drawn as side streams. In running naphthenic crudes 
or dewaxed lube stock, several neutral cuts are taken. 

From 12 to 20 trays above the tower inlet and four 
below the inlet are used. The pressure drop is 50-70 
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mm. from the flash zone of the tower to the air ejector 
inlet. About 40-50 mm. absolute pressure is maintained 
at this point, giving an absolute pressure of 90-120 mm. 
at the flash zone. Steam is introduced in the bottom 
to. produce a low partial pressure of the oil vapors. The 
unvaporized feed flashes in the lower stripping trays, 
thereby losing sensible heat. 

In this case the overhead distillate is usually a gas 
oil, with the initial boiling point above 400°F, and pref- 
erably above 500°F. Due to the low vapor pressure 
of the gas oil leaving the surface condenser, an insig- 
nificant quantity is carried to the barometric steam 
condenser. 





FIGURE 2 


With this design, the absolute pressure on the sys- 
tem is determined by the vapor pressure of steam con- 
densing in the barometric condenser. 

A variation on this scheme is shown in Figure 2. 
Here the surface condenser is replaced by a direct con- 
tact condenser for the oil vapors. Gas oil is recirculated 
through coolers and over trays or other means of se- 
curing contact with the rising vapors. This.scheme elim- 
inates oil-vapor lines, structural-steel supports and con- 
ditions of temperature stress which make surface con- 
densers unsuitable. On the other hand, a rather large 
circulating pump is required, and the temperature head 
on the coolers is reduced, often resulting in a larger 
surface than required for condensers alone. It is some- 
times claimed that this device will give a lower pres- 
sure drop than a surface oil condenser. This is not 
necessarily true, particularly when trays are used to ob- 
tain contact between the vapor and liquid. An ordinary 
fractionating tray will give two to three mm. Hg pres- 
sure drop. Four trays, therefore, are on a par with the 
usual pressure drops encountered in surface condensers. 

On small flash towers, this method is particularly ap- 
plicable and economical, since vapor temperatures range 
from 600°F to 750°F, making the mechanical design 
of the surface condenser a difficult matter. 

When the distillate recovered has an initial boiling 
point of 300°F or less, it is in the boiling range of 
water, and the steam and distillate must be condensed 
together. Since the distillate and water condensate must 
be separated, surface condensers are required for this 
condition. This arrangement is shown in Figure 3. The 
inevitable air pump takes suction from the surface con- 
denser hot well. 

This condition is usual in the two-stage pressure dis- 
tillate rerun unit. The heavy portion of the distillate 


Refiner & Natural Gasoline Manufacturer—V ol. 15, No. 2 

















must be recovered under vacuum because of a usual 
maximum limiting distillation temperature of 275°F. 
The bottoms from the first stage are pumped to the 
second stage, which is a vacuum tower having 12 to 14 
trays. No side cuts are made. 


In designing a pressure distillate rerun unit, we must 
strike a proper economic balance between the surface 
condenser size, the ejector size, steam and water con- 
sumption and loss of distillate with the non-condensable 
gas, keeping the following controlling factors in mind: 


1. Vapor pressure of oil condensate. 

2. Vapor pressure of water condensate. 
3. Quantity of non-condensable gas. 

4. Circulating water temperature. 


The combined carrying effect of non-condensable gas 
and its ever present associate, water vapor, is increased 
by an increase of hot well temperature and a decrease 
of absolute pressure at the inlet to the air pump. The 
loss of distillate from the system is large, and con- 
sequently absolute pressures below 75 mm. at the top of 
the fractionating column are difficult to obtain. With 
surface inter- and after-condensers on the ejectors, the 
overhead distillate loss is recovered. The question of 
oil carry-over then becomes solely a question of ejector 
$1Ze. 


It may be noted that the presence 6f water and oil 
of the same vapor pressure together increases the sat- 
uration of the gases the vacuum pump must handle. It 
follows that the elimination of steam will result in a 
much lower obtainable absolute pressure and that often- 
times, because of the loss of low boiling distillates 
caused by the use of steam, or because of the actually 
better distillation conditions obtained without its use, 
dry-vacuum distillation becomes advisable. The dry- 
vacuum distillation system may be set up in accordance 
with Figure 3 or Figure 2, the barometric condenser 
being eliminated. Many pressure distillate rerun units 
are therefore designed for dry-vacuum operation. 


Although the writer has never seen any definitely 
substantiating data, it is held by some that steam has a 
slight tendency to oxidize oil under maximum distil- 
lation temperature conditions. Partly for the fear of 
some deleterious effect of stripping steam, and for rea- 
sons of personal preference, patents, and general policy, 
dry-vacuum distillation, even on heavy oils, is often 
used. 


In Figure 4 is shown a vacuum tower with a booster 
ejector. Oil is condensed in a surface condenser in 





FIGURE 3 
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FIGURE 4 


which the total pressure is less than that obtainable by 
a barometric condenser. Steam is pumped by a large 
steam-jet ejector to a barometric condenser. In an ordi- 
nary vacuum fractionating tower making several cuts, 
the maintenance of an unusually low absolute pressure 
at the top by this means is not justifiable. Twenty bub- 
ble trays produce 40-50 mm. Hg. pressure drop. Hence 
the maintenance by expensive means of 20 mm. at the 
top of the tower instead of 45 mm. is not advisable 
when the result is 70 mm. at the flash point instead of 
85 or 90 mm. Additional steaming with exhaust steam 
in any quantity required is usually to be preferred to 
the live steam needed to produce a very low absolute 
pressure by pumping the steam to a barometric con- 
denser. In a tower with no trays or only a few trays, 
the process looks more attractive. 

The absolute pressure at the surface condenser hot 
well is equal to the sum of the vapor pressure of the 
oil and the partial pressure of the steam. It is prac- 
tically limited, therefore, by the permissible carry-over 
to the booster. The amount of booster steam required 
depends on the amount of process steam to be handled, 
the compression ratio, and the pressure of the live 
steam. An economic balance of these interdependent in- 
fluences must be found. Naturally, the less the pressure 
drop to the flash zone, the more favorable the use of 
the booster ejector becomes. At one time it was widely 
advocated for use with a fractional condenser. It is 
at present considered for use when flashing a virgin 
asphalt flux, or a cylinder stock, where fractionation is 
not required and a high-boiling material is to be han- 
dled. In general, one to two pounds of live steam per 
pound of process steam are required for the booster. 

The requirements for maintaining a vacuum, i.e. con- 
tinuous condensation of vapors and removal of air, is 
illustrated in Figure 5. A successive condensation, ac- 
companied by pressure drop, occurs toward the ejector 
inlet. At this point, the lowest absolute pressure in the 
system exists. From this point on, the absolute pres- 
sure is raised to atmospheric at the expense of live 
steam. The intercondenser condenses the exhaust, and 
much of the primary ejector load. The primary ejector 
controls the vacuum. Its capacity is the neck of the 
bottle. The circulating water temperature and the vapor 
pressure of the oil only influence the vacuum insofar 
as they influence the ejector load and the pressure drop 
up to the ejector inlet. With a large enough ejector, no 
condensers would be needed to maintain a vacuum. The 
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FIGURE 5 


booster ejector scheme approaches this idea. Condensers 
are used to-reduce the size of the air pump to a mini- 
mum, and to recover the products easily. 

A steam-jet air-ejector element is shown diagram- 
matically in Figure 6. It consists essentially of a steam 
nozzle, air chamber and diffuser piece. Steam expands 
through the nozzle, issuing at a high velocity. This 
entrains the gases admitted to the diffuser throat, and 
imparts velocity to them by impact. This kinetic energy 
is transferred into pressure by the diffuser, which in- 
creases in area and reduces the velocity. 





FIGURE 6 


The fundamental principle of the design of ejectors 
is the proper location and arrangement of the nozzles 
so as to get an effective impact of the steam with the 
gas to be pumped. The use of multiple nozzles to give 
a high contact surface of steam and air is often prac- 
ticed. The length of the diffuser, its shape, and the 
nozzle location with respect to the throat are very im- 
portant. Manufacturers of ejectors are forced to use 
expensive trial and error methods to acquire this knowl- 
edge, and very little information is published. In pur- 
chasing ejectors, surprising differences of guaranteed 





steam consumption sometimes may be noticed, because, 
no doubt, of the generally undeveloped state of the art 
except among a few manufacturers. 

A steam nozzle operates best over a definite pressure 
drop. A change of initial pressure causes diffusion of 
the issuing jet of steam, resulting in eddies and a loss 
of energy. In a steam-jet ejector, this effect is pro- 
nounced because of ‘the resulting inefficient impact and 
entrainment of the gas to be compressed. Consequently 
a change in pressure of the steam, particularly by a 
drop in pressure, greatly upsets the operation of an 
ejector. A drop of 10 percent below designed initial 
pressure usually will cause an ejector to stop function- 
ing altogether and the vacuum is lost, sometimes under 
conditions which are apt to be dangerous, as when air 
is drawn back into a tower containing hot inflammable 
vapors. 

It is necessary, then, to insure a steady boiler pres- 
sure, and to select the ejector to operate on steam at a 
pressure 20 to 30 pounds below boiler pressure. A re- 
ducing valve then can be used to maintain steady steam 
on the ejectors, even though the boiler pressure may 
fluctuate. 

It may be noted, then, that an ejector cannot be 
throttled. A characteristic of all nozzles having a drop 
below the critical pressure is that the weight flow de- 
pends only on the upstream pressure. Hence the steam 
consumption of an ejector depends on the absolute 
pressure of the live steam. If an ejector designed for 
steam at 85 pounds is supplied with 95 pounds of steam, 
the steam consumption is (95+ 15) + (85+ 15) = 
1.10 times the guaranteed quantity. This additional 
steam, however, will carry little additional load because 
of the lower nozzle and throat efficiency. Any attempt 
to reduce the steam consumption by throttling will re- 
sult in a loss of vacuum. It is advisable therefore to 
install two or three batteries of ejectors so that one 
may be shut off under light load conditions. 
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FIGURE 7 





Figure 7 shows the characteristic of a two-stage 
steam-jet air pump. Reducing the load does not greatly 
improve the vacuum. Considerable overloading will 
cause a rapid loss of vacuum. Thus a unit closely de- 
signed might experience serious fluctuations of /abso- 
lute pressure if, for example, the amount of gas in- 
creased due to uneven furnace conditions, or water 
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temperatures increased due to tidal conditions. This 
tendency of ejectors to suddenly drop the load has often 
mystified still operators. 

For most petroleum distillation units, two-stage 
ejectors are used, as illustrated in Figure 6. The actuat- 
ing steam and condensable material from the first stage 
are condensed in the intercondenser. It follows that, if 
the first stage handles a large amount of condensable 
vapors, the second stage may be of smaller capacity: 
When the amount of vapors which may be condensed in 
the intercondenser is known to the ejector manufac- 
turer, he is in a position to quote a more economical 
arrangement, than if the total load is specified on a 
“dry air basis”. 

The following example is given of the calculation of 
an ejector load: 


Example 1—Vacuum Distillation of Reduced Crude 


Conditions: 


Barometric Condenser Outlet Temperature 78.5°F. 


Absolute Pressure... = 35 mm. Hg. 
Vapor Pr. H:O at 
TT -cctcatesea-ands = 25 mm. Hg. 
Vapor Pr. Oil Vapor 
eg PRE = 0.5mm. Hg (cf 420°F IBP) 
Partial Pr. N.C. Gas. = 9.5 mm. Hg 130 Mol Wt. 


Quantity of N.C. Gas= 90 lbs/hr 30 Mol Wt. 


(This is an assumed condition, dependent upon the size of 
the distillation apparatus). 
Let x = mols per hr of steam 
Let y= mols per hr of oil 
3= mols per hr of gas 








x a5 

ae x=7.90 mols or 7.90 K 18 = 142 lbs/hr 

3 9.5 

y 0.5 

— = — y= 0.158 mols or 0.158 & 130 = 20.50 Ibs/hr 

3 9.5 N.C. Gas = 90.00 Ilbs/hr 

252.50 Ibs/hr 
x 25 7.90 
check — = —— = 50 = 

y 0.5 0.158 


Total Load 252.50 lbs/hr 


Assuming that the intercondenser ran at 100 mm. 
Hg, with 92°F. vapor leaving, the load to the second 
stage would be as follows: 


PPROUNS TERETE 6.55.2 ed sig a Sen 100 mm. 
Vapor Pressure Watetc... cc.50 cs ics 38 mm 
Vapor Pressure Oil, Assume......... 1 mm 
PRCSial PEBONIE SS i 5 6684S Soe ee 61 mm 

x 38 

— = — x = 1.87; 187 X 18=32.7 lbs/hr 

3 61 

y 1 

— = —_ y = 0.0492; 0.0492 « 130= 6.4 lbs/hr 

N.C. Gas = 90.0 lbs/hr 
129.1 
‘ 38 1.87 
check — = —— = ——_ = _ 38 

y 1 0.0492 


Load to second stage = 129.1 ibs/hr 
Ratio of loads = 252.4/129.1 = approx. 2 to 1 


From this illustration it can be seen that if the ejec- 
tors were purchased for 252 pounds of “equivalent dry 
air,’ the secondary stage would be twice as large as 
required. 

One more typical example will illustrate the proper 
way to select ejectors where the oil exerts a high vapor 
pressure, as in a pressure distillate rerun unit. 
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Example 2—Vacuum Distillation of Pressure Distillate 


Vapor and steam leaving condenser at 110.5°F, 90 mm. Hg 
90 Ibs. Gas, 30 M.W. 
10 mm. vapor pr. oil, at 110.5°F 


Oil = 140 M.W. 
Vapor Pr. Water = 66 mm. Hg 
Vapor Pr. Oil = 10 mm. Hg 
P. p. N.C. Gas = 14 mm. Hg 
Total Pr. 90 mm. Hg 
x 66 
— = — x = 14.1 mols = 254 lbs. steam 
3 14 
y 10 
— = —- y= 2.14 mols = 300 lbs. oil 
3 14, 
x 14.1 66 
check — = —— = ——_ 
y 2.14 10 N.C. gas=_90 Ibs. 
644 Ibs. 


It can readily be seen how large an oil loss is possible 
under these conditions, and this is why a wet vacuum 
pressure distillate unit cannot be run at low absolute 
pressure. 

For oil distillation units, little data are available on 
the amount of dry gas which it is necessary to handle. 
Unlike steam condensers, this amount does not depend 
largely upon leakage. The author has seen systems 
containing 5000 cubic feet leak air at the rate of only 
six pounds per hour, yet in operation they delivered 
upwards of 80 pounds per hour of non-condensable gas. 
In general, light ends in the feed, and more especially 
cracking of the charging stock, produce most of the 
gas. 

From 25 to 60 pounds per hour of 30 mol wt. gas 
per thousand barrels of feed should be allowed in 
rating ejectors for vacuum stills. Direct reference to 
a similar unit which has operated successfully should 
be made wherever possible. At the present stage of de- 
velopment, experienced gambling is the only known 
method of estimating the required ejector capacity. In 
no case should the total load be considered as dry gas. 
It may be that the failure even of manufacturers of 
ejectors to appreciate this fact accounts for the large 
discrepancies in steam consumption between different 
competitors on the same inquiry. 


Operators can check the amount of non-condensable 
gas which their still is delivering in three ways: 


1. By reference to characteristics of the ejector. De- 
termine 
a. Absolute pressure at primary ejector. 
b. Absolute pressure in inter-condenser. 


c. Inter-condenser water inlet and outlet tem- 
peratures. 


d. Live steam pressure. 


e. Temperature of gas to ejectors. Use a bare 
thermometer inserted in line through a cork 
and ¥%-inch valve. Never rely on thermometer 
wells for this reading. Do not take these data 
under the glare of the hot sun. 

f. Obtain a sample of exhaust from secondary 
stage and determine molecular weight. Use 
the primary ejector to draw this sample into 
the sampling bottle. 

With these data the manufacturer can often approxi- 
mate the load rather closely. 

2. By direct measurement with an orifice on the inlet 
side. An orifice designed to give 1-2 mm. Hg pres- 
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sure drop may be installed in the line to the ejector. 

Heavy neutral oil is used in the manometer. De- 

termine 

. Manometer reading. 

. Specific gravity of liquid used. 

Air temperature to ejector. 

. Molecular weight of dry gas from secondary 
stage. 


ao oe 


With these data it is possible to calculate the flow 


through the orifice. Unfortunately, the orifice intro- 
duces an objectionable pressure drop into the sys- 
stem. Oil or light ends cannot be detected in the 
vapors being measured, since without an auxiliary 
air pump, a sample of gas to the primary stage is 
unobtainable. 


. By direct measurement of exhaust with an orifice. 


If the ejectors have after-condensers, an orifice, 
or gas well tester can be used to measure the 
atmospheric exhaust. As usual, temperature and 
pressure must be read and a molecular weight de- 
termination made. With this method, there is the 
chance of entrainment of gas by the intercondenser 
water, so the result will always be on the low 
side. Otherwise, it is the easiest way to get a 
fairly reliable result. As usual, the presence of 
oil vapors in the primary stage load cannot be de- 
tected. 


In all cases, a correction for water vapor of satura- 
tion must be made in order to determine the amount of 


dry gas. 


A wealth of such data would be highly valuable to 
the whole industry, since: 

1. The whole economic selection of vacuum equip- 
ment depends on a correct estimate of the non- 
condensables. With better data, the price of this 
equipment might be reduced. 

2. The characteristics and amount of exhaust gas 
give a key to what is going on in the process. A 
refiner can tell if there is cracking in, for ex- 
ample, a lubricating oil rerun furnace. Oxidation 
by air infiltration, or possibly by stripping steam 
may be detected. Orsat analyses made by the 
author shown from 5—20 percent CO, in the 
ejector exhaust. Some of this is really H,S, while 
some is definitely not H,S, but probably the result 
of oxidation of the oil. Free hydrogen has been 
detected by other investigators, which suggests 
that under some conditions a water-gas reaction 
may possibly occur to a limited extent. 

Attention is called to the desirability of refiners mak- 
ing these tests, despite the uncertainties connected with 
the available methods, and publishing the results for 
their mutual benefits. Not only may the effect of steam 
and air leakage upon the product be more definitely es- 
tablished, but the operating expense may be eventually 
reduced by the closer selection of ejector equipment. 
From 0.25 to 0.5 pounds per gallon of process steam, 
and from 0.15 to 0.25 pounds per gallon of ejector 
steam are required. 
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Cracking and Reforming 
Operation On Oklahoma City Crude 


jJ. C. ALBRIGHT 


MAR REFINING COMPANY, at Garber, 
Oklahoma, has made some interesting runs 
through its cracking and reforming plant. Losses 
on the overall operation, which includes the prelim- 
inary skimming of the crude (Oklahoma City) and 
the subsequent cracking, reforming of naphthas, 
treating both pressure distillate and straight-run prod- 
ucts, runs relatively low. 


Treating costs have been markedly reduced, with 
chemicals and labor sharing almost a fifty-fifty split 
in the total outlay. Treating with a pre-wash of 
caustic and followed with a contact—under pressure 
with doctor solution to sweeten, together with the 
addition of an inhibitor to retard formation of gums, 
is done at a cost of $0.017 per barrel, or approxi- 
mately $0.00041 per gallon. Losses, when taken for 
a full month’s run vary as to the character of the 
finished products made. During August, 1935, as an 
example, cracked gasoline, tractor fuel, kerosene and 
straight-run gasoline were manufactured with a total 
loss of only 7.00 percent of the crude charged to the 
plant. November, 1936, figures, show that with re- 
forming naphthas, and a side cut of heavy hot distil- 
late from the side of the bubble tower, can be done 
with an overall loss of 9.12 percent, which includes 
uncondensible gases and the regular run of refining 
losses. 

The skimming plant, as well as the cracking and 
reforming unit were constructed several years ago, 
built especially to process the oil produced in the 
Garber field. Garber crude was run to the stills al- 
most exclusively during the period of operation prior 
to a shutdown in 1933, but Oklahoma City oil has been 
processed since the resumption of runs in January, 1935. 
The skimming plant consists of a battery of shell stills, 
and have been operated with minor changes since the 
plant was first built. 

Oil is charged to the shell in the skimming bat- 
tery in a manner comparable to operations carried 
out in other plants which have shell stills, and the 
first cut consists of a 300°F. end-point gasoline, 
which is blended later with other materials for the 
production of motor fuels. Other cuts constitute the 
light and heavy naphthas, kerosene, tractor fuel, dis- 
tillate and fuel oil and a small percentage of pres- 
sure distillate bottoms from the cracking plant. Dur- 
ing the rush season in the wheat country, the major 
agricultural activity in the counties surrounding this 
town, large quantities of fuel adaptable to heavy- 
duty farm machinery are required, and the plant is 
balanced in its runs and products to make the neces- 
sary grades of those fuels. 
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During the slack months, from an agricultural 
standpoint—which means after the major crop in 
that district has been sown—the plant is balanced 
off to make motor fuel and fuel oil. During Novem- 
ber, 1935, the production of motor fuel—which in- 
cludes the three grades of gasoline manufactured by 
the company; gasoline which is not treated and has 
a third grade octane value, gasoline which is straight 
cracked material with an octane value of 66/70, and 
the standard grade which contains Ethel fluid to- 
taled 66.40 percent of the crude charged to the stills 
during that month. The third grade gasoline is 
treated to remove the sulfur compounds, and is a 
water white product with a 400°F. end-point. The 
next product, 66/70, is sold without the addition of 
anti-knock compounds, while the standard grade 
contains the standard amount of “Q” compound to 
bring it to the required octane value for marketing. 
Fuel oil, the next largest product so far as volume 
is concerned, totaled 23.29 percent of the total 
amount charged to stills, while pressure distillate 
bottoms only showed for 0.32 percent, and kerosene 
—including tractor fuel and heavy distillate—consti- 
tuted 0.87 percent. Losses during this month, when 
reforming was carried out for the period, showed 
that only 9.12 percent was not condensed for further 
utilization, but the residue gas from the gasoline re- 
covery plant was consumed under the boilers and 
the pipe still and cracking unit. The three grades of 
gasoline, when broken up in percentages are as fol- 
lows: 


“OO” gmpoliee: base dkcaea eee 24.50 percent 
66/70 equsoches 65.365 a eee 31.62 percent 
*A00" ‘easoline 05. ...5 sc ceemonee teal 10.28 percent 
Total of :cradé charged: 3046500 ccna 66.40 percent 


In August, 1935, when the atmospheric temper- 
ature was high and condensing temperatures are 
very hard to obtain with any degree of satisfaction, 
this plant produced 61.91 percent of gasoline, with a 
fuel oil production of 25.40 percent. Kerosene and 
tractor fuel and distillate amounted to 5.50 percent, 
while the pressure distillate bottoms amounted to 
only 0.19 percent. Reforming was not carried out as 
extensively as during the months when tractor fuel 
and distillate is not so much in demand, but if the 
5.50 percent of this product had been passed through 
the reforming bank, the production of gasoline 
would have come up to that produced in November. 
Refining losses, despite the high atmospheric tem- 
perature, amounted to 7.00 percent of the total fresh 
crude charged to the plant. 


The cracking and reforming plant operates on 
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Hot-oil pump in 
cracking plant. 


products made in the skimming plant, which are 
topped crude, gas oil and naphthas. After the plant 
has been brought up to stream and the temperatures 
adjusted to provide for efficient operation, the charge 
to the cracking coils, which is taken from the base 
of the bubble tower, is handled by a cross-compound 
hot-oil pump 18x28x4x24, set in a building separate 
from the control room, and located near the furnace. 


Former Operating Conditions 


When Garber crude was still available for pro- 
cessing, this hot oil pump was operated at a speed 
of 29 strokes per minute and under a discharge pres- 
sure of 700 pounds gauge. The charge of hot oil, 
which at that time was heated to 630°F., passed di- 
rectly from the discharge line of the hot-oil pump 
to a vapor-to-charge heat exchanger, placed on met- 
allic supports within the plant so that advantage 
could be taken of the vapor separator top tempera- 
ture. An increase in charge temperature to 665°F. 








was obtained by this method, and the charge im- 
mediately passed to the first bank of cracking coils 
placed in the roof of the furnace. This bank contains 
62 sections of 4-inch outside diameter, by 3-inch in- 
side diameter tubing, having an effective operating 
length of 24 feet. 

The charge of bubble tower bottoms leaves this 
bank of coils at a temperature of 920°F. This bank 
contains 32 tubes having the same dimensions as the 
tubes in the roof bank. Only 5°F. is picked up in the 
second bank of cracking coils, and the charge imme- 
diately is introduced into the third, and last bank, 
which contains 48 tubes, all of the same inside and 
outside diameter as those in the first two banks, and 
having the same effective cracking length. Under a 
temperature of only 920°F., the charge enters the 
transfer line at 500 pounds, which shows a pressure 
drop of 200 pounds through the 142 four-inch tubes. 

The charge is passed through a pressure release 
valve, operated from the control room wall through 


« 


« 


Control 
board. 


Refiner & Natural Gasoline Manufacturer—V ol. 15, No. 2 








tre 


oo O00 OO’ Ss 


+a 


BA. 






















































remote control, and the pressure reduced to 49 
pounds, gauge. The charge then enters the side of 
the vapor separator through a tangentially placed 
nozzle. Fuel oil, or residuum is withdrawn from the 
base of the vapor separator, passed through a bank ‘ 
of cooling coils and sent to storage. The residuum 
during this operation was fuel oil having a gravity 
of 9.8° A.P.I. The pressure distillate had a gravity of 
53° A.P.I., with a comparatively high end-point, and 
was subsequently rerun through a revamped obso- 
lete cracking unit for color and end-point. Acid treat- 
ing was resorted to at that time to assist in bringing 
the product to the desired specifications. 





Present Operating Conditions 


Under present conditions the flow of the charging 
stream is approximately the same as it was at that 
time, but a different hook-up has been made, which ” 
changes the operations slightly. A two-inch line was b 
bridged across from the hot-oil transfer line, beginning a 
at a point just back of the pressure release valve at 
the entrance to the vapor separator column, and con- 
tinuing across the plant to the bubble tower, so that 
a portion of the hot charge leaving the last bank of 
cracking coils could be introduced into the bubble 
tower and recirculated through the hot-oil pump and 
to the cracking coils. 

As the oil enters the vapor separator the vapors 
pass upward through the column. The separator is 8 
feet in diameter, inside measurement, and 41 feet in 
vertical length. The take-off is at the center of the 
top head of this column, and the flow of vapors con- 
tinue to the next column, passing through the vapor- 
to-crude charge exchanger. The bubble column, 
which next receives the vapors, is a shell 8 feet in 
diameter, inside dimension, by 58 feet, 5 inches in 
vertical length. This column is fitted with several 
trays for fractionation, and one draw-off pan where 
a side cut can be removed for subsequent reforming. 
The top of this column is maintained, when running 
Oklahoma City crude, at a temperature of 380°F., 








Omar Refining 
Company’s 
cracking and 
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Garber, Oklahoma. 
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to produce an end-point gasoline. The bottoms re- 
main at or near 630°F. at which temperature the hot 
oil pump takes suction, and returns the heavy prod- 
uct to the cracking still. 

When reforming and cracking at the same time, 
either a charge of cold naphtha is used, which is 
produced at the skimming plant, or a combined 
stream of cold naphtha and a cut from the side of 
the bubble tower is used for the reforming stock. A 
reciprocating pump is used for the charging unit in 
the reforming operations, and in most instances, the 
charge is mixed at the intake, or suction line at the 
pump. The oil passes directly to the top of the va- 
por separator, where an internal bank of coils pro- 
vides a preheating element for the reforming charge. 
As the top of the vapor separator is about constant 
at 725°F., the cold charge emerges from the preheat- 
ing coil at approximately 480°F. This temperature 
varies somewhat, being higher if a charge of side- 
cut naphtha is used than when a mixture is used, 
or a stream of cold naphtha is charged to the reform- 
ing coils. 

The furnace temperature is maintained at approx- 
imately the same when reforming and cracking, or 
cracking alone, and the figure reached is normally 
around 1400°F. The flue gas within the furnace is 
around 1050°F. and the temperature of the stack 
gases is around 960°F. The charge of reforming 
stock is under a pressure of approximately 400 
pounds, gauge, and after leaving the set of internal 
coils in the vapor separator, it enters the first bank 
of reforming coils in the furnace. The temperature of 
the charge is raised to 830°F. through 16 tubes, 
constituting the first bank, and leaves the second 
bank at around 1010°F. The last bank of coils con- 
tains 48 tubes. Both the first and second bank of re- 
forming coils are 4 inches outside diameter and 3 
inches inside diameter, and the effective length of 
both sections is 24 feet. 


The pressure drop through these two banks of re- 
forming coils is about 50 pounds, with the charge 
entering the transfer line at approximately 350 
pounds, gauge. Both the initial charging pressure, 
and the outlet pressure on the last bank of coils is 
controlled to a slight variation, and the temperature 
is maintained at a constant figure. This stream of re- 
formed naphtha and heavy side cut from the bubble 
tower enters the vapor separator at the same point 
where the product of cracking enters. Separate pres- 
sure release valves are used on both lines, because 
of the difference in the pressure used in cracking 
and reforming. The flow of vapors and the disposi- 
tion of the residuum is the same, whether cracking, 
or reforming and cracking. 

In either case, the vapors from the top of the 
bubble tower are fractionated and controlled by re- 
flux pumped back over the column so that the end- 
point is low enough that it is unnecessary to rerun 
the product through a separate unit. The vapors 
coming from the top of the accumulator drum are 
passed under process pressure to the vapor recovery 
unit, which separates the desired hydrocarbons from 
the gas. The liquid is mixed with the pressure dis- 
tillate and further fractionated to a vapor pressure 
of about seven pounds, Reid. 

The entire product is then passed through a treat- 
ing process to sweeten, and an inhibitor is added to 
prevent the formation of gums before the gasoline is 
blended for initial, volatility and gravity. A portion 





of the product is taken from the stream, after treat- 
ment and mixed with chemicals to raise the octane 
value, while another portion is sold as it is manu- 
factured, without the addition of any octane raising 
material. Both products are dyed orange or bronze 
color to meet requirements of the purchaser. 

Usually reforming is not done during the summer 
months, as the heavier naphthas are in demand for 
the manufacture of other products. During May, 
1935, reforming was not being carried out, and the 
gasoline production, a combination of low end-point. 
straight-run material and the cracked gasoline, 
amounted to 64.63 percent of the charge to the plant, 
while the losses amounted to only 7.26 percent. No- 
vember, 1935, a month in which reforming was being 
done, showed a production of 66.40 of gasoline, and 
a loss of 9.12 percent. 


TEMPERATURES AND PRESSURES 


December 8, 1935, when cracking was being done 
alone, the hot-oil pump took suction on the base of 
the bubble tower, after the 30.1° A.P.I. gas oil had 
been pumped into the bubble tower. The pump was 
operated at a speed of 28% strokes per minute. The 
flow of the stream was the same as previous months 
and runs, but the temperatures varied slightly. The 
furnace temperature was maintained at 1410°F., 
while the flue gas within the furnace remained at 
1065°F. The stack gases were constant at 960°., and 
the charge of stock to the furnace was maintained 
at 740 pounds, with a temperature of 650°F. as it 
entered the first bank of cracking coils. The first 
bank of cracking coils had an outlet temperature of 
922°F., the second bank an outlet of 925°F., while 
the third, and last bank had an outlet temperature of 
927°F. 

Residuum from the vapor separator had a gravity 
of 10.2° A.P.I., with an outlet temperature of 780°F. 
The fuel oil, when cooled and passed to storage, had 
a temperature of 400°F., and the top of the vapor 
separator was running at 735°F. The mid section, or 
vapor-to-crude exchanger had a vapor outlet of 
710°F., and the bubble tower was running at a bot- 
tom temperature of 645°F. The distillate section had 
a temperature of 550°F., and the top was trimmed 
with pressure distillate reflux to a temperature of 
345°F. Pressure distillate, or cracked gasoline was 
cooled to 100°F., and it had a gravity of 59.2° A.P.I. 

Cracking and reforming both were being done on 
December 12, 1935, when the furnace temperature 
was maintained at 1405°F., with the flue gas within 
the furnace carried at 1070°F. The stack gases at 
that time ran at 970°F, with the feed to the high 
pressure coils being a 21° A.P.I. stock from the base 
of the bubble tower. Gas oil with a gravity of 27° 
A.P.I. was pumped to the bubble tower to furnish 
the fresh feed to the hot-oil pump, together with the 
bottoms knocked back from the vapors entering the 
bubble tower from the vapor separator. 

The reforming charge consisted of a 46° A.P.I. 
naphtha, with a vapor coil outlet temperature at the 
section placed in the top of the vapor separator of 
470°F., and out of the first bank ‘at 785°F. The sec- 
ond bank outlet had a temperature of 1010°F., with 
a pump stroke of 5% per minute. The combined 
stream of pressure distillate, made up of cracked 
vapors and those of reformed naphtha average 59° 
A.P.I. when drawn from the base of the accumulator 
drum. Fuel oil from the base of the vapor separator 
was consistent at 10.2° A.P.I. 
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Sulfur Dioxide and Fresh Sulfuric Acid From 





Refinery Acid 


B.A. 


Sludge 


STAGNER 


Consulting Chemical Engineer 


ECAUSE of the interest in 

methods of regenerating the 
large quantity of sulfuric acid 
used in petroleum refining, it is 
believed that a report of some 
typical experiments on the recov- 
ery of sulfur dioxide from the 
sludge, as well as data on the acid 
actually lost in treating the oil, 
will be welcome to chemists and 
petroleum refiners who have fol- 
lowed the development of the 
Chemical Construction Corpora- 
tion process of expelling sulfur 
dioxide from acid sludge by heat 
and converting the sulfur diox- 
ide into acid by catalysts.* 

For several years the writer 
has had occasion to investigate 
the effect of heat in expelling sul- 
fur dioxide from the acid sludge 
produced in refining petroleum 
products with sulfuric acid. The 
acid in the sludge is converted 
into sulfur dioxide almost quantitatively by moder- 
ate heating, and even on standing for a few days at 
normal temperatures, a relatively high percentage 
of the acid in cracked oil sludges is reduced to sulfur 
dioxide by the complex organic material. 

In the commercial design for expelling sulfur di- 
oxide from acid sludge, the sludge is fed continu- 
ously into a rotating kiln and heated to about 
540°F. (282°C.) in direct cantact either with hot 
combustion gases from a separate furnace or with 
coke derived from the acid sludge, the coke having 
been ignited to red heat in a separate kiln and re- 








turned to the acid sludge kiln. 
The expelled sulfur dioxide is 
purified and mixed with air and 
converted by catalysts into fresh 
concentrated or fuming acid. The 
deocmposition of the acid sludge 
by the hot coke or other solid 
material yields a very rich sulfur 
dioxide gas which can be purified 
more easily than a more dilute 
gas. If acid sludge is completely 
burned with air, the sulfur di- 
oxide is then diluted too much 
by other. gases for conversion 
into sulfuric acid. 

Almost all of the refinery acid 
sludge results from treating kero- 
sene, cracked gasoline, and lubri- 
cating oils. The acid content of 
the sludges varies considerably ; 
that of kerosene and gasoline 
sludges is from 40 to 60 percent, 
and that of lubricating sludges 
from 25 to 45 percent. The per- 
centage of organic material in the lubricating 
sludges is much higher than it is in the lighter oil 
sludges. 

Samples of acid sludges, and of untreated oils, de- 
scribed later, were obtained from major California re- 
fineries, designated as refineries A, B, and C. Each 
of these refineries was at the time producing daily 
several thousand barrels of cracked gasoline. 

The samples of acid sludge were tested in the labora- 
tory, within 8 to 48 hours after they were produced, 
for total acidity by titration with standard alkali solu- 
tion and for yields of sulfur dioxide by heating in the 






































TABLE I 
Sulfur Dioxide from Refinery Acid Sludges Heated to 540°F. (282°C.) 
H2SO. Content of Sludge 
Determined by: 
Other Products Based on 
SO2 Evolution Weight of Sludge 
Alkali 
Titration | Iodine BaCl2 Coke Oil Water 
KIND OF SLUDGE 0 0 0 % % %o 
Gasoline and Kerosene: 
Gin PUNMIIIN bg kos Sawa reed odes OU ORLSARs 6 CEe nua lbeg boned nese wean ps4 61.50 oe eee 21.3 10 25 
Gateline, cracked (eG mOtg B) o.oo ono 5c oc cbs ceded ccc ch bsie vesebc clewsrendsveusveesine 47 .08 46.71 46.91 Re 10 25 
Gambliae, crached (ReRRE Gy BD oo. ook 6004's o0 ren 60:80) pci bam die siele owns cb alee ceev ewes wes 43 .30 Tn ee ETE SR 32.6 10 20 
WG es eos ao oa nc Sb ewa ale nadie kb das anesee es 4a buNe CaN Cnr Meee ens ahem tees 45.50 i. a? Cree 39 10 15 
Kerosene sludge and cracked gasoline sludge, mixed 1:4............ 0c ceeeee cee eeeeeees 48 .93 Se ac pear esr 5 25 
Lubricating Oil: 

Lat; aeaiae: (emmety AP) sis 55 eb Foi 8 Cosi ci cob eda w ss Kise o.es snub cov eee ees 26.85 MR eo aR 57 1 25 
ap aader, Rafnery 2) 5 oy: a uid dr60ES lea ecsle «ow kaa ea: } batt tags aaa a a4 4 bi sais Sahil ; 20 
Lins, NMMea, MO CO aos so ncnin0w be 5:09 demic 00.050 brs.g a citels abs 4a memebers des biu ere aes ‘ NOR adieu s ei 

Lub. sludge, (Laboratory)... icc. ccc ccc cc cbercccecccccteccsseesctscetiose saseveses 37.20 SOY TiS haa e 48.5 2 10 

*Thi hard that the sample had to be cut from it with a knife. ; : é : 
seetentt wihon taba seaiiienk vincodity, treated with 30 pounds of 98 percent acid per barrel with air agitation for 4£ minutes. 
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flask in the apparatus shown in Figure 1 and described 
later in this paper. Table I shows some of the typical 
results. 

The acid sludges from the light oils shown in Table I 
were produced in refineries in the following manner. 
The straight-run gasoline was treated with less than one 
pound of 93 percent acid (66° Be.) per barrel; the 
cracked gasoline in refinery A with between 10 and 15 
pounds of 95 percent acid; and the cracked gasoline in 
refinery B with 10 to 15 pounds of 93 percent acid. 
The lubricating oil sludges were all produced by treat- 
ing the stock with acid of 95 to 98 percent concentra- 
tion and with air agitation for about 45 minutes. 

The acid sludges from gasoline and kerosene obtained 
from refinery storage tanks usually yield more sulfur 
dioxide when heated than indicated as possible by the 
alkali titration. This behavior is discussed later in con- 
nection with the experiments showing the yields of prod- 
ucts based on the acid actually used in treating the oils. 

In the lubricating oils the quantity of sulfur dioxide 
is usually lower than is indicated by the alkali titration; 
but when the lubricating sludge is mixed with three or 
four volumes of gasoline or kerosene sludge and heated, 
the total yield of sulfur dioxide then approximates the 
quantity indicated by the alkali titration of the mixed 
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the oil and the strength and amount of the acid used in 
treating the oil. From cracked gasoline and kerosene the 
yield is usually about 25 percent of the weight of the 
sludge, or about 45 to 50 percent of the weight of the 
acid used in treating the oil. 

The amounts of oil and water distilled from the 
sludge are also variable. The last two columns of Table 
I show approximate yields of these two products. The 
water comes from the small amount of water of dilution 
in the original acid, from the reduced acid, and from 
the oxidation of the hydrocarbons by this reduced acid. 


PROCEDURE FOR EXPELLING SULFUR DIOXIDE 
FROM ACID SLUDGE 


The apparatus shown in Figure 1 has been found sat- 
isfactory for laboratory experiments in determining the 
yields of sulfur dioxide obtainable from heating acid 


sludge : 

It consists of a 250-350 cc. flask (A), oil bath (B), a 
Pyrex centrifuge tube (C) (or a graduated test tube) cooled 
in an ice-water bath (D), and a Milligan absorption or 
wash bottle (E) containing 125 cc. of 25 percent caustic 
potash solution for absorbing the sulfur dioxide expelled 
from the sludge. The Milligan wash bottle leads to a suc- 
tion pump, and a vacuum of 10 to 20 inches of water is 
maintained. 

The flask A should be light enough for weighing on an 


FIGURE 1 


Apparatus for expulsion of sulfur dioxide from acid sludge. 
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sludges. The lubricating acid sludges from practically 


all lubricating oils are so viscous that a recovery of the 
acid from them by any of the older methods, such as 
the hydrolysis with a large volume of water and subse- 
quent concentration of the weak acid, is not feasible 
since the acid and tarry matter cannot be separated 
economically. However, the decomposition by heat of 
these heavy sludges, preferably mixed with light oil 
sludges, provides an economical method for their dis- 
posal, 

The coke produced by heating gasoline and kerosene 
sludges is porous and friable and can be crushed with 
the fingers or ground to a powder with a mortar and 
pestle. It is free from acid and elementary sulfur, but 
it contains a relatively high percentage of combined 
sulfur (Table II). 

The heavy lubricating acid sludges, if relatively rich 
in carbonaceous material and poor in acid, leave a resi- 
due not sufficiently brittle to be powdered ; but when the 
sludge is first mixed with a light oil sludge, the resulting 
coke is easily pulverized. 

The percentage of coke is dependent on the nature of 


analytical balance. It is fiited with a two-hole rubber 
stopper; through one hole passes a glass tube, supplied 
with a stopcock or a short piece of rubber tubing and pinch 
clamp, for admitting air to sweep the sulfur dioxide from 
the apparatus into the Milligan bottle after the sludge has 
been heated to the desired temperature. Through the other 
opening in the stopper passes a glass delivery tube leading 
from the flask to the cooled centrifuge tube. 

The centrifuge tube collects the oil and water distilled 
from the sludge and permits reading of their volumes. 

After 8 to 15 grams of acid sludge were weighed into 
flask A, the flask was heated in the oil bath until the bath 
attained a temperature of about 540°F. (282°C.); the time 
for this temperature rise was 30 to 50 minutes. The flask 
was then elevated above the hot oil; the ice bath was re- 
moved from the centrifuge tube; the volumes of oil and 
water in the centrifuge tube were read; and, while air was 
drawn through the apparatus, a free flame was played on 
the centrifuge tube for a few minutes to expel the sulfur 
dioxide dissolved in the oil and water. 

The small amount of actual sulfuric acid trapped in the 
centrifuge tube was later titrated with standard alkali solu- 
tion. 

The alkali solution in the Milligan bottle was transferred 
to a one-liter volumetric flask, water added to bring the 
liquid up to the 1000 cc. mark, and the total content of 
sulfur dioxide determined by introducing an aliquot portion 
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TABLE II 
Analysis of Laboratory Acid Sludges from Kerosene and Cracked Gasoline. 




















Cracked Gasoline 
a. Petroleum stock treated: Ker Refinery A | Refinery B 
y Memetnatls of acid be, OOONNE ooo a oss os es be Sb Veoh nw Sie cous oad 004 bs Cb MEN CONEES pRN Ree ees TE ROT ey 94.2 94.2 93.3 
“ Moread alkali to titrate 20 cc. sample of fresh acid as used on kerosene, or 10 cc. samples as used on spears, cc. 701.2 350.6 345.6 
d. Weight of actual H2SOs4 i = — =: inc, =. hoe he bins a:b EK able Re Lec ola: «5 6 6c ola ORe Casa hea dee a eee 34.386 17.193 16.97 
Data from agitator No. 1 (Rubber stopper 
e. SO2 in vapor Sale Cie GAk CUNEO PRINS COURS 6.0.55 6 hiss opened s Sages ¢ 08 cde ods 540+ bon SMe 8 be Deen 0.041 0.024 0.204 
Cr i ii aI Sakae tr See Pre a, aly baie oa wera pe oWeh BF seOebiohe. as Aes: HLL DTW eal sie. 8 HOR 3 oe wea eee 0.028 0.076 0.034 
g. Normal — to ee % ladon in —- Sid bie 3) EARS WND 1 AGN SHR a oh ees ah Oars ee RM ah eae ea eenee 677.7 334.1 323.9 
Data from agitator No. ass stopper): 
ths; Sahin ena cata Pele an EN I ih 52S NG Sake Bhiale 6. onde dd obo y sinels oN SAS sein as +25 pei 3.0433 1.8588 2.5832 
< iretess ene SE ON ic ov. iss bck Gadd Mode Tape ODDS Spi M&S wii ieaid'a le Salado VA peisae bun Die se pee 41.99 19 .34 27 .88 
j. Indicated acid in sludge, from h and i, percent... 2... ice cee cece scenes tee tesbedenseecebe aeeiswnene neeisois 67 .67 51.03 52.93 
by.’ Siadae weidhed ont fot tient Cvclintiod GE SOs Ut. aie eink ice ie aie a ve 8 o's 0 bie gs en 8 FUR g we kidd bs oie ee emlewale 10.3311 8.7385 12.1387 
1. Oil condensed in centrifuge tube (Fig. 1), CC... .. 2.2... cece cece eee n eee e tence teen eet e ee nees 0.5 1.0 ee 
m. Water condensed in ESS SE Ses PUP TC ay oe re er eee el ee aa soe ee MeL meee re 2.4 2.2 2.4 
PT Ee a i I OE SE PPE SOC RET TT ee ee Te Pee Ee LE LTT OT OE ORL Op ye 0.018 0.017 0.022 
o. SO2 in Milligan bottle expressed as H 2SOx in ‘sludge Dat Seon EO, CRUE 52 aoe bois 5 Bie Wend vc wee clawed 65.77 50.26 52.74 
p. SO2 in Milligan bottle expressed as H2SOs4 in sludge by barium chloride Saethed; SEPOOME oo 65. 6 ii kee eee eee Se eee 52.65 
Gy, Cole Serene POON Os I aah owns sca Sale ww hale vce enee Debus eetine se Aas eee CoB beeUlb? aiws.she oo a.s als va ee ep Retell 2.46 2.42 3.05 
¢; tek es en: i aia cin ys aro Shad s cri PRR Ee HARES ob ueed eek Gael Coa de ed eee 49.11 32.10 30.00 
i ae Gee Ns Go Fe OI Discs obo ks bn 60 esc wis tes ba pas etinds Ub 26g c RN Lae Oe aimee aa se til wikerk a mee eta 11.72 8.88 7.55 
©, Smee Sar UNG SII go chen Gen cad d & Lies 5-hie. S s.eh s gAUW Aiaawd 0.0 Wie sd wae a epee ova eee la Reale bibl DIGS 35 wands cere gal pean 12.63 6.84 8.905 
fi, a Sak Tine GUE Oe NN a es 5k 6 wack kink a DTU SRAROE SRE ESS tse SEAM R DS See tek MON ae ON eee aan 1.48 0.607 0.672 
ai; Genes: SOE fk OO Ole SORE: BO go ics oc 5 o5 2k kc Soved og eke idee nn, 8 FREY Oa io a Oe eek ee ee 1.055 0.278 0.566 

















of this solution into an acidulated solution of iodine; for 
example, a 25 cc. aliquot part was added to a solution con- 
sisting of 50 cc. of standard 0.1N iodine, 20-25 cc. of concen- 
trated hydrochloric acid, and about 200 cc. of water. The 
excess iodine was titrated with standard sodium thiosulfate 
solution, starch solution being used as indicator. In a few 
of the experiments the reliability of the iodine titration 
method was confirmed by oxidizing the sulfur dioxide in 
aliquot portions of the one-liter alkali solution with bro- 
mine and determining the quantity of the resulting sulfuric 
acid gravimetrically with barium chloride. Examples of the 
comparative data are shown in Tables I and II. 

The Milligan wash bottle was found to absorb the sulfur 
dioxide completely enough for the purposes of this study, 
as shown in one experiment in which the vapors from the 
Milligan bottle were passed through a second absorption 
apparatus. At the end of the experiment, 900 cc. of 0.1N 
iodine were required for the sulfur dioxide in the Milligan 
bottle, and only 0.25 cc. for that of the second absorber. 

The weight of the coke left in flask A was determined by 
cleaning the outside of the flask, weighing the flask and 
contents, and subtracting the weight of the flask. The sul- 
fur content of the coke was determined, when desired, by 
the Eschka method.? 

In determining the acidity of the acid sludge by titrating 
with alkali, it was found convenient to weigh out about 
three grams of the sludge into a 500 cc. Erlenmeyer flask 
and to add 150-200 cc. of distilled water and 25-50 cc. of 
neutral carbon tetrachloride. The carbon tetrachloride car- 
ries the carbonaceous material to the bottom of the flask 
and permits more accurate titration. Methyl orange indi- 
cator was used in all the titrations with alkali. 


YIELD OF SULFUR DIOXIDE AND OTHER 
PRODUCTS ON BASIS OF ORIGINAL ACID USED 

In the data assembled in Table I, the yields of sulfur 
dioxide are calculated as H,SO, and expressed as per- 
centage of the acid sludge; but it was also desired to 
know the correlation of these yields with the fresh acid 
used in treating the oils. Carefully controlled laboratory 
experiments in refining the oils were therefore made, 
and the resulting acid sludges investigated. Repeated ex- 
periments with the agitating device and analyses of vari- 
ous products of special interest showed that the results 
were reproducible with a satisfactory high degree of 
accuracy. 

An accounting was made, as far as possible, of the 
acid products resulting from the oil treatment as well as 
of the total sulfur in the original acid and that extracted 
from the oil. The latter figure was found by determin- 
ing the sulfur content in the oil by the A.S.T.M. lamp 
method before and after the acid treatment. The acid- 
treated oil was not redistilled but was washed with 
alkali solution and water. A correction in the sulfur 
data was not made for the oil converted by the acid into 
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sludge, and the sulfur in the small amount of oil dis- 
tilled from the acid sludge and trapped in the centrifuge 
tube was not determined. The sulfur balance is, there- 
fore, not entirely correct, but it is a close approximation. 

In the preparation of the acid sludges the laboratory 
experiments were conducted so as to be representative 
of refinery practice in the choice of stock, strength of 
acid, severity of acid treatment, etc. Obviously, the re- 
sults would be somewhat affected by changes in any of 
these factors or in the temperature of treatment, and no 
one investigation could be made comprehensive enough 
to embrace all such factors. If cracked gasoline is 
treated with strong acid, 95 percent to fuming acid, at 
temperatures as low as 20° to 30°F. (—7° to —1°C.) 
for extracting combined sulfur, the chemical activity 
between the acid and oil is so much reduced that such 
use of the strong acid is practical, and the formation 
of sulfur dioxide is not so great as it is in the treatment 
with 93 percent acid at normal temperatures. When the 
sludge becomes warm, however, it liberates sulfur di- 
oxide rapidly. 

The kerosene used in these experiments was treated 
with one portion of sulfuric acid in the ratio of 20 gross 
pounds of 94.2 percent acid per barrel (42 gallons) of 
oil, or, specifically, with 20 cc. of the acid per 641 cc. of 
oil. The cracked gasolines were treated with acid of 93.3 
or 94.2 percent concentrations in the ratio of 14 pounds 
gross per barrel of gasoline, or, specifically, with 10 cc. 
of the acid per 458 cc. of the gasoline. 

The kerosene stock used was straight-run material; 
one sample of the gasoline was from a cracking unit in 
refinery A, and the other from a cracking unit in re- 
finery B. The two cracking units were operating on 
different types of stock. 

The data developed in treating the oils and investigat- 
ing the acid sludges are recorded in Table II, and from 
these data the deductions of Table III were made. The 
data of Table II are referred to in Table III by letters. 


DISCUSSION OF YIELDS BASED ON ACID 
USED ON THE OILS 


Item 2 of Table III shows that from 93 to 94 percent 
of the actual acid used in treating the light oils was 
expelled as sulfur dioxide from the acid sludges when 
the latter were heated. The alkali titration of these 
freshly prepared laboratory sludges showed a little 
higher acidity than the sulfur dioxide evolution method. 
The opposite relationship, with only one exception, was 
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TABLE III 


Recoverable Acid, Distribution of Acid and Sulfur Balance, 
from Laboratory Acid Sludges. 





Cracked Gasoline 
Kerosene |Refinery A|Refinery B 











2. Amount of original acid expelled from 
3. Relation of yield of SO2 from heated 
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1. Amount of original acid found in acid 
sludge by alkali titration, g/c, percent} 96.66 95.26 93.72 


sludge as SO2, o X r/d, percent...... 93.95 93.83 93 .22 


sludge to yield indicated by alkali 

titration of sludge, (2)/(1), percent...| 97.20 98 .50 99 .47 
4. Accounting for original acid used: a 

Original H2SO4 as SO2 in vapor in 





agitator and in acid oil, e/d, percent 0.12 0.14 1.20 
Original H 2SO« in acid oil, f/d, percent 0.08 0.44 0.20 
Original H2SO« condensed in centri- 

fuge tube, o/d X r/k, percent...... 0.25 0.36 0.32 
Original H2SO4 as SO2 from heated : 

sludge, o X r/d, percent........... 93.95 93 .83 93 .22 

Total original acid accounted for, percent}; 94.40 94.77 94.94 


5. Sulfur Balance: 


Total sulfur known in d and v, gm....} 12.295 5.898 6.107 
Total sulfur found in e, f, (mn X r/k), 

ie SN) on oe wihee geese 12.135 5.951 5.928 
Sulfur found/Sulfur known, percent...| 98.70 100.90 97.10 














found in the light oil sludges produced in refineries and 
recorded in Table I. In the light oil refinery sludges 
the average content of sulfuric acid calculated from the 
yield of sulfur dioxide was 103.3 percent of the acid 
found by the alkali titration. 


The age of the sludges and the rate at which the acid 
in the sludge is reduced to sulfur dioxide obviously con- 
tribute to the variations in these relationships. In the 
alkali titrations of the sludge, one hydrogen atom only 
is neutralized in such compounds as sulfonic acids, 
monoalkyl sulfates, sulfur dioxide, etc., whereas heat 
may expel a molecule of sulfur dioxide from each. One 
of the most conspicuous changes in sludge on standing 
is its increased content of sulfur dioxide. With an in- 
crease in the sulfur dioxide, the alkali titration figure 
will decrease although the yield of sulfur dioxide from 
the heated sludge will remain unchanged unless the 
sulfur dioxide is actually permitted to escape and be 
lost. The effect of time on the formation of sulfur 
dioxide in cracked gasoline acid sludges is reported at 
considerable length below. 


Item 4 of Table III shows the acid products that are 
accounted for, including the 93 to 94 percent expelled 
from the sludge as sulfur dioxide. The sum of the prod- 
ucts accounts for 94 to 95 percent of the acid used in 
treating each of the three oils. Approximately five per- 
cent of the acid is thus unaccounted for. However, the 
sulfur balance of item 5, Table III, which accounts for 
approximately 100 percent of the sulfur involved in 
these experiments, including the sulfur in the sulfuric 
acid, indicates that the sulfur of the five percent of acid 
not otherwise accounted for is associated with the coke. 


The coke itself after it has been heated to 500° or 
550°F. (260° or 288°C.) contains no acid; and if it is 
further ignited, even to dull redness, it liberates no sub- 
stantial additional sulfur dioxide. The coke contains no 
elementary sulfur that can be extracted by gasoline or 
toluene. 

The mechanism is doubtless distinctly complex by 
which the sulfur of the five percent of acid has been 
transformed into the sulfur in the coke. Obviously some 
of the acid, or compounds of the acid with the oil, could 
be reduced to sulfur or even to hydrogen sulfide by the 
carbonaceous material of the heated sludge. If hydro- 
gen sulfide were formed, however, it would be oxidized 
immediately to free sulfur by the excess of heated sul- 
fur dioxide gas. The exit gases from the heated sludge 
contain no hydrogen sulfide. 


Elementary sulfur is known to react at relatively 
low temperatures with heavy, complex, and unstable 

troleum products. Gurwitsch? points out that at 
446°F: (230°C.), or higher, sulfur reacts readily with 
the chemically stable paraffin. It yields hydrogen sulfide 
and a solid residue consisting of 64.08 percent carbon, 
34.13 percent sulfur, and 0.05 percent hydrogen. 

It is possible that the high percentage of carbonace- 
ous matter in the lubricating acid sludges (Table I) 
causes those sludges to liberate a relatively lower per- 
centage of sulfur dioxide from their acid content than 
the lighter oil sludges. 

The inherent complexity of acid sludges, their lack 
of uniformity due to differences in stocks treated and 
severity of treatment, and their rapid chemical changes 
in short periods of time have discouraged intensive in- 
vestigations of the composition of the sludges. Free 
sulfuric acid, alkyl esters of sulfuric acid, and sulfonic 
acid are known to be present. Hurd? has pointed out 
that the esters and sulfonic acids, as well as sulfones, 
disulfoxides, and alkyl thiosulfates, evolve sulfur di- 
oxide or sulfur trioxide (the latter would be reduced to 
sulfur dioxide by hot organic matter) when heated 
alone to 500°F. (260°C.), or even lower ; but it appears 
that no data have been reported on the effect of heat- 
ing these individual compounds with other organic 
matter. 

Laboratory procedure employed in developing the pre- 
ceding data is as follows: 


To secure the data of Tables II and III, it was found 
most convenient to make duplicate acid treats on each sam- 
ple of oil. One-liter glass bottles were used as agitators. 
One of these agitators was closed with a two-hole rubber 
stopper, the openings of which were plugged with short 
pieces of glass rod for use as noted later. The other agi- 
tator was closed with a ground glass stopper. The acid 
and oil were thoroughly mixed by a mechanical shaking 
machine which carried the bottles horizontally back and 
forth along their longitudinal axes through a distance of 
three inches at the rate of 300 to 350 cycles per minute. 

The kerosene was agitated for 25 minutes, and the gas- 
oline for five minutes; then the bottles were placed upright, 
and the sludge was permitted to settle for one hour. 

At the end of the hour the oil in the glass-stoppered 
agitator was poured off the sludge and discarded. All of 
the sludge that would drain readily from the agitator was 
poured into a small bottle from which one sample was 
weighed for alkali titration for acid content and another 
sample for heating for evolution of sulfur dioxide, as de- 
scribed earlier in this paper. ; 

The contents of the rubber-stoppered agitator were re- 
quired for supplementary data in calculating the total 
amount of acid sludge formed, the percentage of the orig- 
inal acid that can be titrated in the total acid sludge, the 
amount of sulphur dioxide in the vapor and the oil, and 
the amount of sulfuric acid suspended in the oil. 

The oil and vapor in this latter agitator were sucked 
into a one-liter separatory funnel connected in series with 
a Milligan absorption bottle and a suction pump. In order 
to transfer this oil and vapor, one of the glass plugs of 
the rubber stopper was forced into the agitator by means 
of a copper tube, which was pushed down into the oil al- 
most to the layer of sludge. The outer end of the tube 
was connected with the separatory funnel by a piece of 
rubber tubing bearing a pinch clamp to control the flow 
of gas from the agitator. The separatory funnel was also 
fitted with a two-hole stopper and tubing so as to receive 
the oil and vapors and pass the vapors on to the Milligan 
absorption bottle. After the apparatus was slightly evacu- 
ated, the second glass plug closing the stopper in the agi- 
tator was forced inward and a controlled supply of air 
admitted. All the oil was drawn into the separatory funnel 
except a thin layer on. the acid sludge, and this was later 
poured from the sludge into the separatory funnel. 

The acid sludge proper remaining in the agitator was 
then diluted with water, and the whole transferred to a 
one-liter volumetric flask. Enough water was added to float 
the separated carbonaceous material above the 1000 cc. 
mark. This oily material was withdrawn from the flask 
and its total acid determined by titrating with standard 
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alkali solution. An aliquot portion of the 1000 cc. of aque- 
ous acid solution was also titrated, and the total acid con- 
tent of all the acid sludge calculated. 

The actual sulfuric acid retained in the light acid oil in 
the separatory funnel was extracted from the oil with a 
total of 400 cc. of water. Since the water unavoidably ex- 
tracts some of the sulfur dioxide also, the aqueous solu- 
tion was transferred to a distilling flask and the sulfur di- 
oxide boiled out with part of the water and passed through 
a condenser into the Milligan bottle already used to absorb 
the sulfur dioxide from the vapors when the acid oil was 
transferred to the separatory funnel. The sulfuric acid re- 
maining in the distilling flask was titrated with alkali solu- 
tion. The oil in the separatory funnel was further extracted 
with 15 to 20 cc. of fresh caustic potash solution to remove 
all the sulfur dioxide. This caustic potash and that of the 
Milligan absorption bottle were united and made up to a 
liter in a volumetric flask. From this liter of solution, the 
total sulfur dioxide originally in the acid oil and vapors 
was determined. All the significant data are recorded in 
Table II. 


RATE OF SULFUR DIOXIDE FORMATION IN 
CRACKED GASOLINE SLUDGE ON STANDING 
It was thought desirable to determine the rate at 

which the sulfuric acid in fairly typical acid sludges 
from cracked gasoline undergoes reduction to sulfur 
dioxide at normal temperatures. A series of samples 
of laboratory and of refinery acid sludges was there- 
fore weighed into 500 cc. Erlenmeyer flasks and kept 
stoppered for periods of time varying from one hour 
to 21 days, and then the content of sulfur dioxide was 
determined by diluting the sludge with about ten times 
its weight of water, expelling the sulfur dioxide by boil- 
ing, absorbing it in a Milligan wash bottle, and titrating 
with iodine solution. 

The laboratory samples of sludge were prepared by 
treating 458 cc. of the gasoline with 10 cc. of 93.3 per- 
cent sulfuric acid (14 pounds per barrel). The acid 
and oil were agitated five minutes and allowed to settle 
one hour, the oil was decanted from the sludge, and 
the sludge samples were again stoppered in the bottles 
and allowed to age the desired time. (A small quantity 
of sulfur dioxide in the vapor and oil was discarded 
when the oil was decanted. The amount of this sulfur 
dioxide discarded was determined in one sample—Table 
II, item e, third column—and was 1.18 percent, based 
on the theoretical quantity in the fresh acid). 

In the corresponding experiments with a sample of 
acid sludge secured at the treating plant of one of the 
California refineries, portions of 15 to 20 grams of the 
fresh sludge were weighed into Erlenmeyer flasks, and 
after the various desired periods of time the contents 
of sulfur dioxide were determined as above. 

The refinery sludge was a product of a two-stage 
countercurrent treatment of the cracked gasoline with 
93 percent acid. In this two-stage method fresh acid 
was applied to stock already treated with once-used 
acid, and the sludge resulting from this fresh acid 


TABLE IV 


Spontaneous Reduction of Acid in Cracked Gasoline 
Sludges to Sulfur Dioxide. 











Laboratory Sludge, Refinery Sludge, 
SO2 Based on Fresh| SO2 Based on Acid 
Age of Sludge* Acid, % Titrated in Sludge, % 
1G DER TOE N ORS FFE 1.01 ai 
4 Eo 5 dks 6 mien din ondcnie ee Re Ee Tee 
5 hours (approximate).......| $=  ..... 10.39 
S MM o in-cb.c vice ads wae ae Eo ae ee 
Fok er 5 BR Ts a 7.13 12.26 
2 stick b> onc nee 8.41 12.49 
ERR ER Aira treed Soa RS ee oe wena ae 
GC Qassa:i cusses beat Se Ge aee g eee 
S Ge Ss suiewilteee hk aakes aie hs een 12.86 
WE SRE ie eae Son a eed E _RRRSO RR? Vege mee | DSP 
DP) OM rdiktg et a ace 15.79 14.58 











*Sludges were from 66° Be acid (approximately 93%) and at normal tempera- 
ture treatment. 
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treatment was then used in making the first-stage treat- 
ment on new stock. 

The percentages of sulfur dioxide formed in the two 
series of samples are recorded in Table IV and are 
plotted in Figure 2 against the age of the sludge. 
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FIGURE 2 
Spontaneous Decomposition of Acid Sludge 
A. Laboratory sludge, SO, on basis of fresh acid used on oil, 


B. Refinery sludge, SO, on basis of titrated acid in sludge. 


The percentages of sulfur dioxide found in the labor- 
atory samples are based on the theoretical content in the 
fresh acid used in treating the oil; but the percentages 
found in the refinery sludge are based on the titrated 
acid in the sludge. The latter method was necessary 
inasmuch as the relationship between the acid in the 
sludge and the acid used in treating the oil in the re- 
finery was not definitely known. The cracked gasolines 
from which the refinery and laboratory sludges were 
produced were not identical, but both came from the 
cracking of heavy gas oil. 

These data are illustrative only of the instability of 
acid sludge from 93 percent acid and typical cracked 
gasolines. The rate of formation of the sulfur dioxide 
would unquestionably be lower if a weaker acid were 
used and higher if a stronger acid were used. The effect 
of the stronger acid would be evident even if the acid 
were used at lower temperatures and the resulting 
sludge brought up to normal temperature and permitted 
to stand. 

It is possible that the formation of the high percent- 
age of sulfur dioxide during the first 24 hours in the 
refinery acid sludge is a function of the countercurrent 
treatment, but this assumption has not been definitely 
established. 

The immediate formation of a high percentage of 
sulfur dioxide would not interfere with the recovery 
of sulfuric acid through heating the sludge and recon- 
verting the expelled sulfur dioxide into fresh sulfuric 
acid, since means are available for recovering the sulfur 
dioxide. However, in the older processes of restoring 
the acid by hydrolyzing the sludge with water, separat- 
ing the acid from the carbonaceous material, and then 
concentrating the weak acid, it is obvious that any sul- 
furic acid reduced to sulfur dioxide would be irrecov- 
erably lost. 
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/ Experimental and Process 


Development Methods 


N the refining industry the jump of a process 

between the laboratory and the plant is often 
over the greatest of hazards. And too many perfectly 
good propositions land in the ditch at this stage. 
Developments may be worked out on paper, be car- 
ried through the preliminary beaker stages and then 
turned over to the plant men. If good fortune stays 
with us we may be able to puff out our vests until 
the buttons snap and speaking in tones designed to 
carry conviction—if the hearers value their jobs— 
enunciate the fact that physical chemistry—or what 
have you—has changed distillation from an art to a 
science. With pride we point to our proof. 

What actually has happened is that the stillman, 
having no science at all, but knowing his oils and 
having common sense enough to fool with the 
streams, has monkeyed with the still and its tower 
until the thing finally settles down and does the job. 
It is not always possible to put a finger on all of 
the whys and wherefores in petroleum technology. 
A finished job, more often than not, depends on ex- 
perience and on instincts picked up, not from aca- 
demic sources but from hard plant contacts. It often 
is claimed that it is not possible to duplicate plant 
results in the laboratory. Who cares whether they 
are duplicated, provided the small scale results may 
be properly and accurately interpreted and applied 
to the large scale operation? 


One reason for the lack of connecting results lies 
in the lack of sufficient experience to properly inter- 
pret them. Another is careless guessing in the small- 
scale work, the taking for granted that anything is 
satisfactory at this stage. Finally there is laxity in 
the matter of the accounting which should bring 
together all of the stages of process work and paint 
a clear picture of it all. 


At this stage it is probable that the intermediate 
procedures and plant procedures will differ, but if 
properly carried out the small-scale work, among 
other things, will show where to look for trouble, 
and on that point usually hangs the success or fail- 
ure of processes that have passed the preliminary 
stages. 

Most refineries, particularly those specializing in 
lubricating oils, are equipped with some sort of con- 
tinuous tower stills. The day of the shell still for that 
sort of work is past, but there are many advantages 
in its use in small-scale process development. Small 
experimental tower and column stills have not been 
particularly good on anything but the lighter cuts 
and in any event a tower still is apt to be some- 
thing of a one-purpose animal. On unknown stocks 
considerable cutting and trying is necessary to get 
such an outfit to giving specified cuts and consider- 
able material is used up in getting them on stream. 
The small shell still is flexible and easily handled. In 
the hands of experienced operators accurate cuts can 
be made and it has the additional advantage of giv- 





‘the capacity. 


for Petroleum Oils 


PART I 


ing a better knowledge of the oils and the cuts as 
they come off than does a continuous still. 

There are many types of small stills for experi- 
mental work. The one shown in Figure 1 is inex- 
pensive to build and gives exceptionally fine experi- 
mental results. 

This is an upright still as against the horizontal 
type so often used. The latter often are built as a 
small scale replica of the large plant equipment, the 
idea being that such apparatus will give results which 
come close to those of the plant. As a matter of fact 
the scale of the equipment will have little or nothing 
to do with the results. The work is entirely in the 
hands of the operator. There is usually no compari- 
son between the running rates of the plant still and 
the small one. The brick or insulated setting of the 
small still is usually all out of proportion to that of 
its larger brother in heat holding capacity. This, 
taken with the higher heating rate of the small still, 
makes it much harder to control. This vertical still 
has no large setting, and cutting down the flame 
gives an immediate drop in distillation rate. The 
fact that the vapors travel directly upward instead 
of across the still also seems to give clean and close 
cut distillates. While this particular hookup is for 
distillation with fire and steam it can easily be adapt- 
ed to high vacuum work. 

Such stills can be built in any desired capacity but 
the 5-gallon size and the 15-gallon size will be found 
convenient for general process development work. 

In the 15-gallon size the body of the still is 20 to 
24 inches in diameter and high enough to make up 
It is supported on a metal ring about 
18 inches from the floor. A very light brick setting 
may be used, but this should be kept open so that it 
will not hold too much heat. The still is heated by a 
gas or oil burner. 

The flat bottom of the still is welded in, but the 
top is flanged and the cover is held in place with 
swing bolts. The vapor line is a 2-inch pipe screwed 
into a thimble which has been welded into the cen- 
ter of the top. About 4 inches up, this has a tee the 
vertical end of which is used for charging. This is 
closed by a pipe plug which may carry a thermom- 
eter for taking vapor temperatures. The condenser 
line goes out the side opening of the tee. It goes first 
into the side of an expansion chamber which may 
be made from a length of 3-inch pipe, about 15 
inches long. Two condenser coils of 34-inch pipe go 
out of this. The one out of the bottom is short, hav- 
ing not more than one complete turn under the 
surface of the water of the condenser box. This 


60 Refiner & Natural Gasoline Manufacturer—V ol. 15, No. 2 














an 


wi 
it 


ta: 


in’ 


tw 
ua 


th 
ur 
sti 
is 

fo 
an 
do 
cil 


to 
th 


of 
a 


sic 


qu 
fre 














iS 

4 

"" 

i- 

il 

a 

e 

h 

“t 

g 

e 

i- 

d picks out the heavier vapors and condenses them at 

e a higher temperature so that much of the emulsion 

of trouble is avoided. The second coil goes off the top 

S, of the expansion chamber. This condenses the lighter 

1, portion of the vapors and the steam which was used 

I] in the distillation. This coil should have plenty of 

e surface. A full length of pipe or even more is not 

e too much. 

d The condenser box may be built to suit the space 

€ and ideas of the builder. A tall cylindrical tank 

or works very well. The top should be open. Sometimes 

[- it is necessary to add ice in order to condense cer- 
tain light products. 

it For atmospheric distillation the coils discharge 

d into glass graduates. The 2- or 3-liter sizes are best. 
For high vacuum work the still may discharge into 

ia two sets of vacuum receivers provided with grad- 

i uated sight glasses. 

‘ The steam connection is welded into the side of 

t the still and just inside is provided with a nut 

F union. The line goes from this to the center of the 
still and then drops down to end in a cross which 

a is located just clear of the bottom of the still. The 

h four arms of the cross extend to the side of the still 

a and are perforated with 1/16-inch holes pointing 

‘- down. This keeps the oil and an excess of steam 

a circulating on the bottom of the still and helps pre- 

* vent overheating. The nut union makes it possible 

Rm to take out the cross for cleaning purposes or when 

. the still is to be run to coke without steam. For re- 

4 running light products using closed steam, the inlet 

a of the heating coil may be attached here. In such 

5 a case an outlet should be provided on the opposite 

4 side. 

I. In rerunning naphthas, small columns are fre- 

e quently put on these stills. The columns are made 

's trom lengths of 3-inch pipe and packed with small 
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Raschig rings or short lengths of 4%-inch pipe. They 
may be made of any length which gives the desired 
results. 

The smaller still is almost a duplicate of the 
larger. It may be made from a section of 12-inch 
pive of the proper length. A single coil condenser 
generally is. used on this, as more often than not 
it is used for rerunning or in any event for small 
charges. 

A still of this type has the advantage of being 
easily adapted to any sort of distillation. Further, it 
has the advantage of being a simple still and con- 
denser combination. In running the heavier oils the 
results are not complicated by mechanical variations 
which take place in the types provided with reflux 
columns or other attachments. In the hands of 
skilled operators this still can be used to check any 
plant distillation operation. 

To charge the still when the charging oil is dry 
the batch is simply weighed in and the volume cal- 
culated by the following formula: 

Wt. in Gramms 





cc @ 60° F. 
Sp. Grav. 

The specific gravity is determined from the A.P.1I. 
gravity at 60° F. This automatically takes care of 
the correction for temperature. As the container 
from which the oil is poured into the still is weighed 
before and after charging pouring losses are elim- 
inated. 

This weighing-in method may seem an unneces- 
sary refinement, but a surprising amount of error 
creeps into experimental work from these two 
sources. Where yield is important and the experi- 
ment is to be balanced, the batch always should be 
weighed in and out of the still, or in the case of 
overhead cuts, should be measured in the receiver 
in which it is caught and should be properly cor- 
rected for temperature. 

In charging a wet oil or a wet crude the appa- 
ratus shown in Figure 2 may be used. This is an iron 
funnel equipped with a long stem and a small valve. 
About 25 percent of the charge is run in and care- 
fully heated to 500° F. If this be done properly there 
will be no “flushing” of the still. When this is up 
to temperature and the water is all off, the balance 
of the charge is run in slowly through the funnel. 
In this way the foaming takes place at the surface 
of the hot oil and the contents of the still are not 
heaved out through the condenser. When the water 
has been separated and accounted for, the oils which 
have come off with it may be recharged or they may 
be set aside for rerunning while the run of the still 
is continued. In many cases where wet crudes are 
charged the entire batch is put in and allowed to 
“puke” until all the water has come off. This is a 
tedious, dangerous, and inaccurate proceeding for 
which the foregoing method is offered as a sub- 
stitute. 

In operating these stills it is desirable that the 
running rate should be kept as low as possible. A 
crude oil run should not be made faster than an 
average of 10 percent per hour. This means that the 
naphtha cuts are speeded up a little to make up for 
the slowing down at the latter part of the run. 

Steam generally cannot be put into the still be- 
low 400° F. and then it should be put in at that 


61 


















u 


i q 


noes 


Penge ae a ee 


rept see 


FER SS La as ee 


temperature when there is danger of cracking. The steam must be absolutely dry before it is let 
Usually it is better to put in the steam at 500° F. ; ; 

During the early part of the run while the batch flowing and is used to set the flow into the still. 
is heating up and the lighter cuts are coming off, When this is done and the still is ready valve 3 is 


the steam valves 1 and 2 in Figure 1 are left open. 


into the still. Valve 2 shows the quantity of steam 


opened slowly and when this is opened full, valve 2 





DIAGRAM for EXPERIMENTAL STILL. 
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TABLE 1—CRUDE RUNS 


























































































































































































































Grav. 37.2° A.P.I. Ranger, Texas, Crude 
Temperature of Viscosity @ 
Percent of| A.P.I. oF. oF, °F. oF. 
CUT Still Vapor O/wW Crude Gravity 60 100 Flash Fire Cloud Pour 
310 215 5.0 69.5 102 sa 
345 250 5.0 60.1 128 gate 
380 285 5.0 56.1 138 ay 
420 310 5.0 53.0 152 Ne: 
455 340 5.0 50.2 182 *65 
490 380 90 5.0 47.5 217 *105 
505 370 18 5.0 44.5 290 ¥*129 
505 365 11.0 5.0 42.3 385 *149 
505 340 3.4 5.0 40.8 480 *160 pie 
520 325 2.0 5.0 38.8 590 *200 240 
530 340 1.2 5.1 36.5 830 yey 235 275 28 —0 
490 325 1.2 5.1 34.5 ay 45 255 305 40 15 
490 340 By 5.0 32.9 83 275 340 52 35 
535 325 .6 5.0 31.0 68 320 335 74 45 
530 320 6 5.0 29.2 102 350 425 Dk. 50 
Mh o\ nips oan mecneoae eee ae 530 325 3 2.7 28.0 160 370 460 65 
OD, 5 a's Lcckidiee habeas tied Oke ea aE enie 44 eked ee uineel 21.4 20.9 7153 485 525 80 
*Abel between stars. tViscosity @ 210°F. 
Grav. 21.8° A.P.I. West Columbia, Texas, Crude 
Temperature of Viscosity @ 
Percent” °A.P.I - SS oF. °F. 
CUT Still Vapor O/W Crude 60 100 130 210 Gravity Flash Fire Pour 
RRA ier evs fee 500 420 17.4 4.9 480 34.0 *80 id > 
Dg cia by wissen eaters 490 430 8.5 5.0 590 31.4 ¥*131 is 
ee ee 490 420 6.7 5.0 680 29.7 170 200 
ee ee eo 496 410 4.9 5.0 880 28.6 190 215 
es 500 420 3.7 5.3 1030 27.5 210 236 
Be, iso Genes | 510 430 3.5 5.0 39 26.5 230 250 
AS 5 diate od eeeates 525 445 3.3 4.8 41 25.6 245 265 
RE 540 450 3.1 5.0 52 24.6 255 280 
ORE Cr ree 555 465 2.9 5.0 58 23.7 265 290 
a ee 570 475 2.7 5.0 70 22.7 285 320 
RES ee en 580 480 2.4 5.2 93 21.9 315 355 
aka s 9 a anand 590 490 | 2.2 5.0 120 20.9 325 360 ae 
ON cic wicais Liege 575 480 1.4 4.7 209 oe 20.0 340 390 —10 
Sent 570 450 8 4.6 392 156 ae 19.0 370 430 —10 
Epo F 618 490 5 5.0 1006 334 55 18.4 410 475 0 
Rr ieee | 620 495 4 5.0 2847 628 94 17.7 445 520 25 
Te aiinitaaie< a tastenna 640 | 505 2 4.8 aa 1115 131 17.0 475 555 30 
18. MERON FES 645 | 505 2 4.5 1332 166 16.6 485 580 30 
*A bel. 
West Columbia, Texas, Crude Panuco Heavy Mexican Crude 
Grav. 12.4° A.P.I. 
Percent} A.P.I. Vis. we 7. 
CUT Range Crude | Gravity) @ 100 | Flash | Pour Temp. ° F. Per- Vis. 
1 | Over to 30Gravity..| 11.6 | 31.0 36 150 | —10 cut |oum Tee ene Qe lene ® | men| mm 
2 0 ee to 60/vis. a in i x 
EE ‘ < 3 220 napa * 
3 | 60 Vis. to 140 Vis...| 12.4 | 24:1 83 1... HM |) St ee ae oF 3 oe | ae 
4 140 Vis. to 19 Gravity 5.5 22.5 179 340 sit 3 600 320 7 10.1 21.6 80 290 350 
5 19 Gravity to Off....| 25.0 20.9 756 390 —10 , : 
Bottoms.<..........| 14.2 aid Pe Boas eu Bottoms O75 a0 pee 
MND BBs 5:5 sce sie os 37.4 | 22.5 285 320 | —i0 Bethoiiar 
— Sp. Cora: RN oa ots bindiokk bose sew iswcban Pen. 77-122 
ESS gf Peter reper etree Pen. 32- 62 
° ° e Engler @ 300° F. 50cc. 23.3 Units......... Pen. 115-360 
Pennsylvania Pipe Line Crude 100cc. 23.4 Units 
ra 200cc. 23.7 Units 
Grav. 42.5° A.P.I. M.P. (B & R) 108° F. 
Temp.) Percent) A.P.I oF, “PF. Vis. @ 
Cut Stil Crude | Grav. | Flash Fire 100 Remarks ‘ 
Yield Summary 
1 300 5.0 71.3 
2 340 5.0 65.2 
3 360 5.0 60.5 Ldatet: Bleed Ti... 0'o 00's 0-8 ds cea eonemnpoed Over to 374° F. 0.5 percent 
4 380 5.0 57.0 pe eB eerie ye he aw ed 374 to 410° F 1.2 percent 
5 404 5.0 54.4 Li GRO ok csc ches teases ea 410 to 536° F 20.0 percent 
Grav. 30.8 
6 428 5.0 51.9 aaa wate ‘a Heavy ae Ob. oi. sii caked pack epee 536 to 590° F. 15.9 percent 
7 448 5.0 49.6 ree gia bee Grav. 25.6 
5 474 5.0 47.3 140 160 noe 
9 498 5.0 45.1 170 195 eas Steam in Labsicntiogn Dis. oo. 5 6s Sg a as co ee ta nee ee 51.1 percent 
10 518 5.0 43.0 200 225 38 @ 350° F. ORs 55s ce cnad 20.1 
Sea 340° F, 
1] 532 5.0 41.0 230 260 40 tee 375° F. 
12 540 5.0 39.1 265 300 d4 Vis./100-337 
13 544 5.0 37.3 290 335 49 Pour.......— 
14 560 5.0 35.3 335 390 65 
15 570 5.0 33.5 360 435 94 DORGOMIB so os 5 icc ki oo bak 6 Chere We da es te ds ss tine 10.4 percent 
. Grav....10.3° A.P.I. 
15 540 4.6 31.6 385 445 151 Vis./210-—355 
a See 725° F. 
Bottoms 19.5 26.0 540 620 150/210 Pour........ 105° F. 
Peter 640° F. 





























Cuts 12 to 16 pressed well. 
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is gradually closed. It is advisable that this valve 
be allowed to drip a little. Once the steam is on, 
there is little danger of flushing, and the distillation 
proceeds smoothly. 

With a laboratory still an effort is made to hold 
the oil-water ratio at about 1 to 1. The temperature 
is allowed. to rise slowly and generally should not 
go above 600° F. When the temperature nears this 
point it is well to increase the steam and at the end 
of the run the oil-water ratio may run as high as 
es 


As the cuts come off they are measured in the 
graduates in which they are caught and the tem- 
perature taken. Both the oil and the water coming 
off are recorded. A temperature correction of 1 per- 
cent in volume is made for every 20° either way 
from 60° F. This method does away with pouring 
losses and gives satisfactory results in balancing 
the run. In making a cut the oil from both streams 
is taken and blended after measuring. The bottoms 
are run out at a reasonably high temperature into 
weighed pans and the volume determined by weigh- 
ing and calculation. 


Some trouble may be experienced from the water 
not settling from the cuts of the heavier oils. This 
can be avoided to a great extent by regulating the 
condenser water until the steam coming off the still 
just condenses. This is better than allowing the 
steam to blow, thus emulsifying the oil and water, 
or than running the condenser too cold. 


When paraffin-base crudes are run to heavy resid- 
uums in an experimental still there is some difficulty 
in making flash test. With such crudes much care is 
necessary in finishing the run. Every care must be 
taken to hold the temperature below 600° F. This 
requires the use of a large amount of steam. And 
note this: at the end of any run the still must be 
allowed to cool below 500° F. before the steam is 
taken out entirely. This is necessary to prevent the 
small amount of cracking which may ruin the flash 
point. 


With asphaltic bottoms the still should be shaken 
or banged a little when the steam is taken out and 
before the still has fallen below 400° F. Otherwise 
the water condensing on the top will drop into the 
hot asphalt and bring it out through the condenser 
onto the floor. 


And how about the balance if it goes on the floor? 
Weigh some rags, mop up the mess and weigh the 
rags again. From the difference in weight calculate 
the volume of oil in the spill. 


For experimental work, unless enough is known 
to fix the limits of a cut, the best method is to cut 
to percentage by volume. The range covered by 
each cut will be determined by the purpose of the 
experiment. In this connection several runs with this 
type of still on typical crudes are given. These are: 
Ranger, representative of a large group of mixed 
base crudes from which lubricants are made; West 
Columbia, a high grade coastal crude, giving low 
cold test lubricants; Panuco, a Mexican asphalt 
crude; and a typical Pennsylvania pipe line crude. 
These have been cut on a percentage basis with full 
inspections on:each cut. In addition to the tests 
shown, the naphthas and kerosene cuts will have 
Engler or Bureau of Mines distillations run on them 
to aid in their evaluation. This method of cutting is 
particularly valuable where it is necessary to work 
out the full possibilities of a crude or a stock. It 






gives an accurate survey, from which everything 
may be estimated closely and from which further 
work may be carried on without the cutting and 
trying so often necessary. The cuts may be blended 
in various ways and where necessary may be rerun 
to give the products wanted. 


One method of working up a yield summary is 
shown (Table 1). Here a composite of all the over- 
head cuts is rerun in a small still. In this case the 
run was made without steam, the cuts being made 
to vapor temperatures. The bottoms from such a 
run will represent the wax distillate or the lubri- 
cating distillate. The bottoms shown on the sum- 
mary are the bottoms from the original crude run. 
All yields are of course figured back on the crude. 


Other methods of cutting West Columbia and 
Ranger crude are shown. Here the cuts are made 
partly on gravity and partly on viscosity, following 
the practice of large stills. Such methods are used 
to check plant runs or to duplicate established cuts, 
and the cutting points must be set from plant prac- 
tice,or from previous experimental work. 

Lubricating stocks are not usually taken to spec- 
ification off overhead from a simple shell still, but 
selected portions of the overhead cuts of the crude 
run are rerun and reduced to bottoms of the desired 
quality. Such cuts are of course much darker than 
overhead cuts of the same quality would be, but as 
a rule the bottom products will finish just as well as 
the overhead cuts, and for all practical purposes this 
method will be satisfactory for experimental work. 
To get a high grade bottom product on the rerun, 
plenty of steam should be used and every care be 
taken not to overheat the oil. 


The foregoing has dealt with oils which are run 
to residuual bottoms; steam being used to carry off 
the distillate, and to prevent cracking. With certain 
mixed-base crudes the bottoms have little value ex- 
cept as fuel. Such crudes are run to coke without 
steam. When this is done in the experimental still 
the steam crosses may be taken out. In such a run 
the naphtha cuts will come off in the same way as 
if the run were made with steam, but when 600° F. 
is reached cracking begins. The temperature is run 
on up until no more oil comes off. This. method 
makes considerable quantities of cracking stock, gas 
oil, and high grade wax distillate which presses well 
and yields high grade waxes. Usually this distillate 
is split into two cuts, a light and a heavy wax dis- 
tillate. After the run the coke is cleaned from the 
still and weighed. The losses here are higher than 
those on the run with steam as there is a certain 
amount of gas loss due to cracking. 


The final job in making a still run is the balanc- 
ing. It must be kept firmly in mind that 100 percent 
of the charge is about all that can be taken from a 
still. On the other hand the full 100 percent should 
be accounted for either as product or as explained 
and legitimate loss. In surveying there is set a cer- 
tain error of closure. So in this work if it is to have 
value, the volume taken from the still should bal- 
ance the volume charged within 1 percent. Such 
a requirement means that every point in the run 
must be watched with this balance in view. Once 
an operator becomes accustomed to working to close 
limits he will find that it is just as easy to do accu- 
rate work as it is to turn out a sloppy job, and that 
the former gives much more satisfaction. 


(To be concluded) 
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Stage Separation 
of Oil-Gas Mixtures 


R. L. HUNTINGTON 


Petroleum Engineering School, University of Oklahoma 


TAGE separation is a process 

in which mixtures of crude oil 
and gas flowing from producing 
wells are separated into liquid and 
vapor phases by two or more equi- 
librium flashes at consecutively low- 
er pressures. To retain the maxi- 
mum amount of gasoline in the 
crude o:] the ideal method of sepa- 
rating the gas from the oil would 
be that of true differential libera- 
tion of gas by the steady decrease 
of pressure from that existing at 
the well head to the atmospheric 
storage tank. With each differential 
decrease in pressure the gas which 
would be evolved would be im- 
mediately removed from the crude 
oil from which it is being separated. 
Rayleigh’s Equation gives a mathe- 
matical expression for this type of 
vaporization.* To carry out such a 
differential process would be en- 
tirely impractical. An approach, 
however, toward differential libera- 
tion of gas is highly desirable, and can be accomplished 
by putting the mixture of oil and gas through several 
separators in each of which flash vaporization takes 
place. In this way the maximum economical amount 
of gasoline is retained in the crude oil. This result is 
just exactly the opposite of that which is desired by 
the refiner who reverses the process and tries to get 
the maximum liberation of vapor by means of a single 
equilibrium flash vaporization. 

If the gas-oil ratio is high and the drop in pressure 
between the well and the separator is great, the expan- 
sive force of the gas will cause absorption of heat and 
a resultant decrease in temperature. This phenomenon 
is to be observed largely in fields producing high grav- 
ity crude oils or gasoline condensates, such as Kettle- 
man Hills, California; Calgary, Canada, and other fields 
of a similar nature. It is not uncommon to see frost on 
separators even in mid-summer in these high gravity 
fields. 

The advantages of adding additional stages when 
separating crude oil-gas mixtures have been shown by 
Matheny et al.1 The relationships between the amount 
of gasoline and gas liberated per barrel of crude oil 
and the number of stages used are given in Figure 1. 
From these curves it is easy to see that after the sec- 
ond stage very little advantage is gained by additional 
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stages in so far as the retention 
of gasoline in the crude oil is con- 
cerned. Although the percentage 
of gasoline vaporized will vary 
with different crude oils, the rel- 
ative advantage of additional 
stages will be substantially the 
same. 

DEVELOPMENT OF STAGE 

SEPARATION 

The use of crude oil-gas sep- 
arators first came into play on a 
large scale in the Seminole field 
in Oklahoma when gas-lift meth- 
ods were taken up to prolong the 
flowing life of the wells. Earlier 
in the history of the oil industry 
practically all of the oil was pro- 
duced into atmospheric storage 
tanks from which the gas was re- 
covered at low pressures. This 
method of operation proved to be 
very wasteful not only from the 
standpoint of the dissipation of 
reservoir energy but from the 
enormous losses of gas and natural gasoline due to the 
difficulty of handling enormous flush gas volumes from 
atmospheric storage tanks. With the adoption of gas- 
lift as a standard practice of producing wells after their 
period of natural flow, the advantage of holding back 
pressure on the wells was clearly recognized. In the first 
place, the true value of compressed gas as a medium 
for transmitting energy was fully realized. Once the 
oil was brought to the surface it was necessary to re- 
cover the gas which had lifted the oil and to return the 
same gas, after extracting the gasoline, back to the oil 
wells for further lifting. 

Figure 2 shows the flow sheet of a typical gas-lift 
system. Due to the removal of gas from the gas-lit. 
system into the absorption gasoline plant, additional gas 
from dry gas wells either in the same field or adjacent 
fields has to be piped into the gas-lift system. The in- 
creasing richness of the gas as the bottom-hole pressure 
declines causes the recycled residue gas to become richer 
in propane and leaner in methane with the result that 
the lifting power of the gas is greatly lowered. In other 
words the propane is so highly soluble in the crude oil 
that very little expansive force is obtained through re- 
cycling gas which is rich in propane. 

It may be argued that the natural gasoline manu fac- 
turer could realize a greater profit if the production of 
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the crude oil were extended over a longer period, as 
was the case before gas-lift was adopted. While this 
argument may have some truth, it must be realized that 
the natural gasoline manufacturer must fit his program 
to meet the developments which take place in the pro- 
duction of oil. The oil producer realizes that gas-lift 
brings about a quicker payout in his lease even though 
the ultimate recovery may possibly be lower, than if 
the lease were produced under the older pumping meth- 
ods after the wells ceased to flow naturally. Some of 
the advantages of a gas-lift program for the natural 
gasoline plant are as follows: 

(1) The ratio of natural gasoline to the barrels of 
crude oi, produced will generally run higher in a field 
which is being produced by gas-lift than will the same 
ratio in other fields which are under natural flow or on 
the pump. In other words, the decrease in gasoline con- 
tent resulting from gas-lift is more than offset by the 
much larger over-all gas-oil ratio which results from 
the recycling of gas back into the oil wells. For ex- 
ample, a pumping well may be producing 200 to 300 
cubic feet of three gallons gas per barrel of crude oil 
while a gas-lift well may yield 4000 cubic feet of one 
gallon gas per barrel of crude. The gas-lift well will 
therefore produce approximately four to five times as 
much natural gasoline per barrel of oil as the pumping 
well. The A.P.I. gravity of the crude oil from the gas- 
lift well will run about 3° A.P.I. lower than the crude 
oil from the pumping well. 

(2) With the retention of back pressure on the sepa- 
rators near flowing wells it is possible for the natural 
gasoline producer to restrict his investment in gathering 
lines and compressors to a much lower figure than was 
required when an attempt was made to handle flush 
volumes of gas from atmospheric storage tanks. 

(3) The compressor equipment in the natural gas- 
oline plant itself serves as part of the machinery needed 


for recompressing the gas back to a sufficient pressure 
for lifting the oil to the surface. 


FUTURE OF STAGE SEPARATION 

Some apprehension has been expressed by certain 
gasoline manufacturers about the future of the natural 
gasoline industry, in view of the possibility of dispens- 
ing with certain gasoline plants through the retention of 
natural gasoline in the crude oil by means of stage sepa- 
ration. Although it may be possible that such a thing 
might occur in a few fields where conditions are very 
favorable for multiple-stage separation, it is entirely un- 
likely that the production of natural gasoline will suffer 
appreciably as the result of the development of stage 
separation in the future. The oil producer and the 
manufacturer of natural gasoline must necessarily work 
hand in hand to promote the greatest economy possible. 
If the natural gasoline is worth more when it is dis- 
solved in the crude oil, it is only logical that stage sepa- 
ration should follow. On the other hand, if the natural 
gasoline is worth more when it is separated as such 
after taking into consideration the cost of manufactur- 
ing natural gasoline, the producing method which yields 
the greatest amount of natural gasoline in the gas should 
be adopted. The oil producer must work in turn with 
the pipe line company and the refinery. The more vola- 
tile crude oils suffer heavy evaporation losses while in 
storage and in transit to the refinery. Therefore it is 
not always economical to attempt to raise the A.P.I. 
gravity of crude oil merely for the sake of increasing 
its volume and raising its price per barrel since a large 
part of the gasoline may be lost by prolonged storage. 


STABILIZATION OF CRUDE OIL 
The natural gasoline industry already has realized 
the advantages of stabilizing its gasoline before it is 
shipped in tank cars or pipe lines. Through stabiliza- 
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tion, gasoline plants can increase their net production 
since it is possible to retain from three to four parts of 
butane in a gallon of natural gasoline where only one 
part of the more volatile propane was previously all 
that could be allowed to remain in the finished product. 
In the same way it is predicted that both the producer 
of crude oil and the pipe line company will realize the 
advantages of stabilization of crude oil, as a means of 
reducing evaporation losses in storage and transporta- 
tion. 


Just how fast the oil industry will take up the stabi- 
lization of crude oil is hard to determine. It has already 
invested millions of dollars in vapor saving devices for 
large storage tanks so that stabilization of crude oil is 
not so greatly needed, had this investment not been 
made. No doubt the stabilization of crude oil would 
result in a lower production of pentane and hexane in 
the natural gasoline plants, as these fractions would be 
retained to a greater extent in the crude oil. Since the 
modern natural gasoline plant, however, recovers most 
of its production from field separators operating under 
five pounds pressure or more, the effect of the stabiliza- 
tion of crude oil would not be very great so long as the 
wells were produced by the conventional natural flow- 
ing or gas-lift methods. The stabilization of crude oil 
would call for large investments in fractionating towers 
and would add greatly to lease operation costs. It is 
unlikely, therefore, that the fractionation of crude oil is 
apt to take place soon except on leases producing large 
quantities of high gravity volatile crude oil, or in those 
districts where crude oil is apt to be subjected to long 
storage periods under hot weather conditions. 


In conclusion it might be said that the development 
of stage separation has proved to be advantageous to 
the natural gasoline manufacturer in that (1) the in- 
vestment in field lines and compressor equipment has 
been materially reduced as the result of the retention 
of back pressure on the field separators; (2) the use 
of gas-lift has resulted in the production of more nat- 





ural gasoline per barrel of crude oil due to the stripping 
action of the gas on the crude oil itself; (3) the hold- 
ing of back pressure on the separators has caused a 
marked decrease in the entrainment of oil mist into the 
gas gathering lines going to the natural gasoline plants.? 

The disadvantages of stage separation for the natural 
gasoline manufacturer are as follows: (1) The gasoline 
plant must install high-pressure and low-pressure 
gathering systems in order to process the gas produc- 
tion from both the high- and low-pressure separators. 
Although the gas volumes from the low pressure sepa- 
rators are usually so small that it is not economical to 
process them in a low-pressure gas-gathering system, it 
is well to remember that the gas from these low-pres- 
sure separators is much richer than the gas coming from 
the high-stage separators ;* (2) Stage separation in itself 
does tend to decrease the amount of natural gasoline 
produced per barrel of crude oil since the approach 
toward differential liberation of gas tends to hold a 
higher percentage of the natural gasoline constituents 
in the crude oil. 

The problem calls for more fundamental physical- 
chemical data from research laboratories showing the 
relationships between the crude oil gravity and gasoline 
content of the gas as a function of such variables as 
pressure, temperature, gas-oil ratio, and the number of 
separator stages used. 

It is difficult to predict what the future of stage sepa- 
ration will be, but the oil producer and the gasoline 
manufacturer should be ready to accept the fact that in 
so far as it is more economical to retain the natural 
gasoline in the crude oil than it is to manufacture these 
fractions into natural gasoline, will stage separation be 
adopted. 
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Theoretical Foundations of the 


Wax-Sweating Process 


HE practical preparation of paraffin wax from 
paraffin-oil divides itself into refinery process- 
ing as follows: 

(A) Chilling out the wax, followed by separation 
of the same from the crystal mass (magma) by 
filter-pressing ; 

(B) De-oiling of the pasty mass by fractional 
melting at slightly elevated temperatures, and press- 
ing at above normal temperatures ; 

(C) Removal of oil from scale wax (obtained in 
(B) by warm pressing) by the sweating operation. 
This phase is that part of the processing wherein 
various commercial paraffin waxes are obtained. 

(D) Refining of the crude wax with acid, fol- 
lowed by clay bleaching. 

Processes (A) and (B) mentioned above are in 
reality only preliminary steps, and (D) is only a 
final purification procedure. The most important of 
the four steps mentioned is the actual sweating proc- 


ess, since according to the present known art of: 


paraffin manufacture, it is here that the real separa- 
tion of the various commercial grades of wax is 
accomplished. In the Polish oil industry, oily paraf- 
fin scale (a partially de-oiled paraffin) is normally 
subjected to the sweating process, carried out mostly 
in chambers of the Henderson type. 

In carrying out the sweating process the first cut 
obtained is sweat oil. In this cut are included all the 
oil fractions from the start to where a sample in 
the tail house (worm) shows a solid-point of 36° C. 
This cut in its éntirety shows an average solid-point 
of approximately 30° C. 

A second cut is then obtained, called recycle or 
return oil, which includes all material showing at 
the worm a solid-point of 36-47° C. As an average 
this cut will show a solid-point of 45° C., and it is 
once again subjected to sweating, whence the name 
recycle or return oil. As a third cut one collects all 
fractions which show a solid-point of 47-52° C. This 
whole cut forms the so-called “milky paraffin” cut; 
due to its relatively high oil content, this cut has a 
milky appearance, and furnishes only the cheaper 
grades of finished wax. If the demand warrants a 
thoroughly oil-free, transparent paraffin wax from 
this cut, it is of course once more subjected to the 
sweating operation. Usually the refineries only man- 
ufacture one grade, namely one of a solid-point of 
50-52° C. If necessary this wax also can be made to 
furnish higher melting-point waxes, namely 52-54, 
54-56, 56-58, and even the 58-60° C. waxes. These 
grades are made up only on special orders, and com- 
mand a higher price. 

If we now consider the theoretical side of the 
wax-sweating process, we note that it really consists 
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of two processes or two procedures. The first proc- 
ess, in reality only a preliminary procedure for the 
true sweating process, consists in allowing the melted 
wax scale to solidify on the sieves of the sweat-pans. 
The second, or the sweating process itself, is based 
upon the procedure of a successive raising of the 
temperature in the sweat house, until a successive 
or fractional melting, or sweating of the higher melt- 
ing point paraffin takes place. 

In both these cases, namely both the solidification 
of the melted scale, and the sweating of the solidi- 
fied scale, we are dealing with the same phenome- 
non: on the one hand with the solidification of liquid 
mixtures, and on the other with the melting of a 
mixture of solid bodies. The theoretical fundamentals 
are the same in both cases. 

The melted paraffin scale is composed of a mix- 
ture of various individual paraffins in oil. When, 
therefore, in the preliminary or first stage of the 
sweating process, melted paraffin scale is allowed 
to cool off in the sweat pans, the very highest melt- 
ing-point paraffin wax crystallizes out first. With a 
continued lowering of the temperature in the cham- 
ber, successively lower melting point waxes solidify, 
until, at some definite lower temperature, the whole 
contents of the sweat pan crystallize into a solid 
mass. 

This description is but a simple case of successive 
crystallization or precipitation of solid bodies from 
their melted mixtures, namely, fractional crystalliza- 


tion’. The following cases can arise during the solidi- | 


fication of mixtures: 

The solid substance which separates is either 
homogeneous (that is, it can be composed of one of 
the single components of the mixture, or of an iso- 
morphous mixture of several components) or a het- 
erogeneous mixture of various solid bodies. 

Considering now the simplest case, wherein a 
component separates from the mixture in pure form, 
a simple corollary is then derived which states that 
the solid point of such mixture is always lower than 
that of the pure substance, which separates out. The 
proof of this fundamental statement is further de- 
rived from the fact that the vapor pressure of a 
substance in a mixture is always smaller than that 
of the substance in pure form. The melting-point as 
a transition point in the vapor-pressure curve of a 
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solid and liquid substance is therefore always de- 
pressed. 

Examples of the above general rule are noted in 
every-day life. For instance, salt solutions freeze at a 
lower temperature than that of pure water, and 
again they separate out solid salt always at a tem- 
perature lower than the melting. point of the salt; 
one can therefore view the crystallization of a solute 
as a freezing-out process, wherein its melting point 
is sharply lowered due to the presence of the water. 
The formation of mixtures to produce “cold” by mix- 
ing one part of table salt and two parts of crushed 
ice is based on the same principle, as is also the 
liquefaction of phenol, due to the presence of water 
to a melting point much lower than that of water, 
namely 42° C. This case is simply a case of the low- 
ering of the melting-point due to water. In the same 
category is the phenomenon of the quick-liquefying 
low-melting-point metallic alloys, and also the low- 
ering of the melting point of iron when carbon is 
added to it. Iron containing considerable carbon 
melts at a lower temperature than iron poor in car- 
bon. The bismuth alloys or metal called Newton’s 
metal (8 bismuth, 3 tin; M. P. 94.5° C.), Rose’s 
metal (2 bismuth, 1 lead, 1 tin; M. P. 93.7° C.), and 
Wood’s metal (4 bismuth, 2 lead, 1 tin,-1 cadmium; 
M. P. 60.5° C.) are all lower in melting point 
than bismuth of 271° C., lead of 327.4° C., tin of 
231.82° C. and cadmium of 320.9° C. in the unalloyed 
state. 

If we now inspect, for the sake of comparison, the 
behavior of the paraffin scale at the time it is solidi- 
fying on the sieves in the sweat pans, we will find 
the highest paraffin hydrocarbons crystallizing out 
first, as the temperature is lowered, and this is fol- 
lowed by the next lower, and finally by the lowest 
members of the series, all of which groups are pres- 
ent in the mixture subjected to the cooling. At some 
definite lower temperature the whole paraffinic mass 
solidifies to a web-like mass in which there is oil 
enmeshed as the mother liquor. The lowest individ- 
ual paraffinic hydrocarbons are found in solution in 
this oil, and in a concentration dependent on their 
solubility at the particular temperature. 

Following the process to where the true sweating 
process begins, the procedure repeats itself (that is, 
from a theoretical basis) in the above described 
manner, even though algebraically there is a change 
in the signs. In other words, if we allot a positive 
sign in regard to temperature to the state or the 
process in the preliminary or preparatory procedure 
of the sweating process, after we have withdrawn 
heat from the same, we must in the actual sweating 
supply heat, the whole sweating process is carried 
on in regards to a heat balance, with a negative sign. 
In general, all other conditions remain the same, 
except that they are based this time on the melting- 
point instead of the solid-point, which we have been 
discussing. The solid-point as well as the melting- 
point of a solid body in mixtures is lowered, as in 
the case of Wood’s metal, or Rose’s metal, below 
the solid point or melting point of that material 
whose melting point in the mixture is the lowest of 
any of the solids. 

Viewing the sweating process in the light of the 
above, we are forced to the conclusion that the 
sweating process, insofar as the same should furnish 
a separation of single paraffins, is bound to give 
misleading and false results, while the theory upon 
which it rests is also misleading. No process can be 
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used for resolving a mixture such as paraffin scale, 
consisting of various paraffins, into narrow cuts 
based on the idea of fractional melting. 


Every melting point of any instantaneous product 
from the sweat chamber is lower than the arithmeti- 
cal average of all the individual hydrocarbons ob- 
tained in a definite product. Very often many in- 
definable relationships appear. 


Let us now consider sweating a scale containing 
about 20 percent of oil, and which scale shows a 
melting point of 50° C., and is composed of a mix- 
ture of various paraffins melting at 30, 40, 50 and 
60° C. If we raise the temperature of the sweat 
house to 30° C., a mixture of paraffins results which 
will melt at 30, 40, and even between 40 and 50° C. 
The same relationships exist at all higher or lower 
temperatures, except that the differences between 
the melting points of the single individual fraction 
become constantly smaller, and are less clearly de- 
fined. 


It can be seen from the above that during sweat- 
ing, the yields of the higher paraffins are lowered, 
while those of the lower melting point paraffins are 
raised. It is true of course that this loss is balanced 
or made up during the course of manufacture, in 
which the fractions mentioned are_ reprocessed, 
partly as sweat oil and partly as recycle or return 
oil (foot’s oil). These recycle stocks that eventually 
tend to become mere by-products necessitate an in- 
crease in the processing load on the plant, and also 
greater investments, since processing machinery of 
about 30 percent greater capacity has to be installed 
and arranged for. One is compelled to take into ac- 
count that not only must the sweat oil again be re- 
turned to the crystallizors, and into the whole range 
of processing, but there is also included the recycle 
(foot’s oil) and the so-called “milk-wax” or oily paraf- 
fin wax. Finally a lower yield of very valuable high 
melting point paraffins results in an overall lower yield 
of finished products. 


In order to prove the correctness of these theoret- 
ical considerations, we have examined the single 
fractions from the sweat chamber as to their content 
of definite paraffins. We collected the definite frac- 
tions from the sweat chamber within accurately de- 
termined temperature limits, and examined them 
qualitatively and quantitatively for the content of 
definite paraffins. 


The analytical method employed for analyzing the 
separate sweat chamber fractions for paraffin con- 
tents consisted of fractional crystallization and fil- 
tration. In every fraction thus separated we deter- 
mined the wax content according Engler-Holde’s 
method and determined how close the melting point of 
the separated wax corresponded to the temperature 
limits within which the specific fraction had been col- 
lected in the sweat chamber. As was expected, all the 
cuts contained larger proportions of wax than the upper 
temperature limit at which the specific fraction was 
collected in the sweat house would account for. 

Before discussing the results obtained, it is desir- 
able to mention next the manner of carrying out the 
analyses of the wax. The method of fractional crys- 
tallization, which we employ for separating the sin- 
gle paraffins from the specific sweat-chamber frac- 
tions or from the paraffin sweat oil is free of all 
errors which are present in the sweating process. 

While fractional crystallization is viewed as a 
successive solidification of mixtures, the sweating 
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process is based on the successive melting of mix- 
tures. 

The general and yet partial solidification of mix- 
tures is in narrow or wide limits dependant only on 
the temperature changes of the mixture, and the 
consequent change of the mutual solubility of single 
paraffins in one another. 

In the sweating process a mixture of oil and va- 
rious melting-point waxes is warmed to a tempera- 
ture which is identical to the arithmetical average 
melting point of the mixture. Even though the tem- 
perature in the sweat chamber is allowed to rise 
slowly and evenly, the separate components of this 
mixture never melt as such, but only again as a 
mixture whose melting point is lower than that of 
any component in the mixture. 

This formation of mixtures is the result of an ac- 
tion which lowers the melting point of the single 
component of the mixture and which action is mu- 
tually exerted by and upon these components. 

However, in the case of fractional crystallization 
only definite paraffin hydrocarbons or their isomor- 
phous mixtures separate out successively. Such sep- 
aration of individual components takes place only 
in a homologous series, and it has been further es- 
tablished that those of highest molecular weight and 
highest solidification point crystallize first, followed 
by those whose properties pertain to a lower series. 

This is a case of the separation of solid definite 
constituents. For every case, the solidification point 
of such a component is always higher than that of 
the whole mixture, wherein the errors and short- 
comings of the sweating process are at once avoided. 
All the fundamental statements made so far point to 
the fact that the method of crystallization always 
gives the more favorable results, which is evident 
since this method agrees with sound theory. 

In practice this method consists in gradually cool- 
ing the liquid paraffin oil or melted paraffin mass 
to that temperature at which the largest separation 
of desired paraffins occurs. The separated paraffin is 
filtered off at exactly the same temperature at which 
it separates; the filtrate so obtained is cooled at that 
temperature at which the greatest possible yield of 
the next paraffin fraction resulted. This procedure 
of crystallization followed by the filtration of the 
separated wax-fraction is repeated many times until 
the total paraffin has been separated. The number 
of fractions and their corresponding filtration tem- 
peratures was dependent on the one hand on the 
concentration of desirable crystallizable material, 
and on the other upon the quality of the desired 
paraffin. 

For example, if it is desired to determine the 
content of paraffin wax of a sweat oil collected be- 
tween the temperature limits from the start of 
sweating and 32° C., and which showed a solidifica- 
tion point of 30°C., we proceeded to cool the ma- 
terial to 28° C. At this highest temperature we are 
able to obtain quite a satisfactory and sufficient sep- 
aration of the highest melting point paraffin in the 
mixture. The filtration of the separated crystalline 
paste also was carried out at 28° C. Keeping both 
the crystallizing and filtration temperatures the 
same is very important, otherwise a different paraffin 
will be obtained than the one desired and correspond- 
ing to the definite temperature of crystallization. 

The filtration was carried out in conventional lab- 
oratory filter presses, operating at a pressure of 300 
pounds, so as to obtain oil-free and homogeneous 
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fractions. The filtrate so obtained was slowly 
brought to a lower temperature, under constant agi- 
tation, for example, to 20° C. After this temperature 
was reached and became constant, the whole mass 
or paste was filtered on a press which had been 
cooled to the same temperature. This is easily accom- 
plished by placing the presses in chambers of build- 
ings whose temperature is maintained at the desired 
filtration temperature. 

This procedure of crystallization at successively 
lower temperatures and filtration at the correspond- 
ing crystallization temperature, is repeated as often 
as necessary until the desired yield of wax or object 
in view is obtained. The filter cakes removed from 
the presses are more or less hard, depending on the 
crude material or nature of the fraction to be proc- 
essed, and they contain valuable proportions of 
lower fractions, mostly press oil. Generally speaking, 
the filtration of these lower fractions is not as 
smooth, since the precipitated soft wax masses clog 
up the pores of the filter presses or filter cloth. In 
order to minimize or destroy the undesirable effect 
of resins and asphaltic bodies in the paraffin oil upon 
the filtration rates during the pressing of these soft 
waxes the paraffin oil is first given a 2 percent Ton- 
sil clay treatment, and then filtered clean of earth. 

The qualitative and quantitative determination of 
paraffin wax was carried out by the Engler-Holde 
alcohol-ether method. It was realized that this 
method can yield large deviations in the percentages 
of wax, considering the many different types of 
crude materials to be examined and the great dif- 
ferences of paraffin wax contents in the cuts derived 
from a single raw stock. Nevertheless it is better 
for comparative purposes to base all results on some 
one method, and as such the Engler-Holde was con- 
sidered as the easiest to manipulate, and relatively 
the most accurate. However, it developed during the 
course of our work that this method of determining 
paraffin content is at most a conventional method 
par excellence, whose accuracy is not only depend- 
ent on the technique or working conditions, but also 
on the quantity of the substance weighed out for 
analysis, and even on the composition of the raw 
stocks. The analytical accuracy of this method is 
quite problematical if one considers that under the 
same experimental conditions and employing the 
same quantities of materials weighed out for test, 
the differences between single determinations are 
within 10 to 15 percent for dark materials and within 
5 percent of the actual for the normal paraffinic ma- 
terials. These differences in the single determina- 
tions on the same raw stock can be increased fur- 
ther when using various quantities of the material 
for the analysis. The difficulties of the examinations 
as employed were greater when one and the same 
raw stock was constantly processed further, and 
when the analytical data at that point had to be 
referred back or based on the original raw stock. 
Naturally the errors became accumulative in these 
cases and, of course, concordant results were only 
obtained by repeated check determinations and strict 
control of experimental conditions in carrying out 
the determinations. The sources of errors for our 
examinations were disregarded, since only relative 
or comparative and not absolute figures are being 
dealt with. 

Considering and comparing the results in Tables 
I, II and ITI, we note the following: 

As mentioned above, sweat oils always contain 
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Filtration Percent Visc. Visc. Refract. Solid 
Tem- on Orig. D. at 50°C. 20°C. Pour Index Percent | Point of | in Orig. 
L.Z. PRODUCT perature | Percent Stock 15°C. Deg. E. Deg. E. Point 35°C, Paraffin | Paraffin | Material 
hy SNE, © 5 se eee ugg 2 el Serer 0.8455 PER Ue RR es een os | 58 60.5 5.70 
DS a 5 oca-6 ea wea eae ee ES a 0.8784 1.62 ey 23.0 1.4868 14.30 49.0 12.90 
ee re eee 24 Wee... e- e cae rai ie bie al he a 8 oo ee ee a ee 18.60 
pT Serr eee eee ee 8.00 7.20 0.8330 a Ee ae 61.0 54.8 4.39 
SR ne er = aes 92.00 82.95 0.8330 1.61 16.0 1.4890 10.50 44.90 8.70 
PE Bh kin Cece aas 17.5 100.00 Fe seem ee Gee dt es ee ee, Se 13.09 
AE SEE ee te ae Beri 8.70 7.20 0.8270 SO a cise 45.80 49.50 3.29 
ee eS ee 91.30 75.75 0.8852 1.62 10.7 1.4905 7.27 42.5 5.51 
UNO ES cS sake puiiwai 10 100.00 See 1h Se biel EO Teck eee SES tases dae ee ee ee 8.80 
Rs x Su nde Os abe 20.50 15.50 0.8676 Bear sane OS ae 20.30 45.5 3.15 
MNS a5 oc wena Laemeess PS pe 79.50 60.25 0.8895 1.70 2.93 1.50 1.4930 4.28 37.5 2.58 
NE ee eee 3 100.00 TOTO. fe eee EE RET Da ee ee ee 5.73 
i Soo oss 3 5s Kaw . See 0.8480 igs soak pe Ginepri 49 .60 54.60 16.22 
RR ae ee 8 et eter ester 0.8920 1.70 3.04 + See Peper neta 4.34 37.5 2.65 
PRs a's a eerkraein a Kock 3 Rk ect eae ict Sess CALPE ae he eye aa, LE eee yl ne yer 8 18.87 
’ on 
*The yields in test No. 2 are based on results obtained during the cooling of the paraffin-oil to 3°c., and pressing at the same temperature. 
TABLE II 
Percent 
Filtration Percent Visc. Visc. Refract. Solid Paraffin 
Tem- on Orig. D. at 50°C. 20°C. Pour Index Percent | Point of | in Orig. 
L.Z. PRODUCT | perature | Percent Stock 15°C. Deg. E Deg. E. Point 35°C. Paraffin | Paraffin | Materiai 
RTE: | AG SS baie 0.853 isi aN SS GRR 53.0 63.5 2.66 
CMS oo. Fs Kaccdn cea = te 95.0 ay ot 0.8785 1.64 stots Be! Rea eee 16.5 52.0 15.70 
WU Ba ics dic teenace 30 Fk A eres cere oe janes oe ‘cera k idR@-elaeeuaal pore Fea 5 18.36 
| 
NT ws eau de beels be Pee 2.50 2.38 0.850 ee Be ere 49.5 61.3 1.18 
NE Sng cbs Ube Supales bare | ee 97.5 92.62 0.8797 1.65 Be. Wb aeeacn 15.8 49.5 14.60 
i reece eee 27.5 100.00 See Fo coves Belaigie 2 ae amigas Sas a 15.78 
SEE Ue a eee Oe | edi 3.35 3.10 | 0.8505 PM Taree ve * 47.0 58.3 1.46 
OE gc Wo acwet oe 96 .65 89.52 0.881 1.70 , nein) Sa WE AEES Fe 14.5 47 .2 13.0 
PION Bele has ieee | 25 100.00 Wee ores 5 rece Oe oer at a 14.46 
I PEPE ET ren 0 Ey eee 0.853 assoc pets Pig a > 53 63.5 2.66 
NAM is skin oh Se Fal sabe a eS 0.8785 1.64 oi pias » EER eae Ato. 16.5 52.0 15.70 
UE RA eee 30 Dee eh Pease Dee ee inate el Ore ake: Ge ee habeus ee 18.36 
pS en ae ated 4.00 3.80 0.8503 ela seed. Eh ee Ce ee 55.7 60.5 2.12 
SS See errr are 96.0 91.20 0.880 1.65 Parise ee ed ee pe a 14.7 50.7 13.39 
Peeeretiots, Bookcases 26 100.00 See 4 if iscees ek Pe ee APTOS, tere tye dkin% disiea 15.51 
tFiltrate l-a, was divided into two parts; one-half was worked up at 27.5°C., and the other at 25.0°C. 
TABLE III 
Percent 
Filtration Percent Visc. Visc. Refract. Solid Paraffin 
Tem- on Orig. D. at 50°C. 20°C Pour Index Percent | Point of | in Orig. 
L.Z. PRODUCT perature | Percent Stock 15°C. Deg. E. Deg. E. Point 35°C Paraffin | Paraffin | Material 
RNR Bini sis S05} odie er? TSE Bares 0.840 eve sthe Se eres 77.10 63.5 3.08 
Sa eee eee a } a | Se eRe 0.8795 1.65 batae Te Barr ee 16.0 §1.2 15.32 
PE os oa cence 29.5 1:6 Eh ka eae iat PPP a eee oer Be SAME care 18.40 
| 
Di i sca 58s es Pr ee. RS, Bien Bees 0.852 eis ee BBR EGER 56.6 62.5 2.83 
| NG Sere Be re | Leg SI ee ae 0.979 1.65 Hea BE Ah ycknaes 16.68 50.5 15.81 
IN Meo os we ernca we 28. PE OR conikna 4 Be bio duly eee Arr Same PaO merch ane ae st as 18.64 
i ee are eae Th, a, Sa 0.8185 mate Bigek Glee, (Dao ere 72.0 47.4 10.8 
MN 2 6 Scat ccs vce p nena mee ay ee NY 0.8495 1.63 pees ep: Lapeer ey 42 41.5. 36.0 
NO, oo a 5% go tuara anata A 28 We. See: Baan Gales Jala sate. US thie mupiella: 7” nee eee seo 46 .80 



































1Sweat-oil. 


paraffins whose melting points are higher than cor- 
responds to the temperature limits between which 
the specific sweat oil was collected. From a whole 
series of similar analyses we have selected a char- 
acteristic analysis of a sweat oil shown as No. 3 in 
Table III. This sweat oil was collected at the tail 
pipe in the sweat chamber between the limits of temper- 
ature at which sweating started and the tempera- 
ture of the oil off (32° C.). We now examined this 
oil for paraffin content of highest possible melting 
point wax. For this purpose, we cooled the oil to a 
temperature of 28° C., filtering at the same tempera- 





?The method ocutlined in the above described procedure is covered 
by Polish Patent 8040, November 19, 1927. In No. 34 issue of Nat’l 
Pet. News, August 22, 1934, reference is made to the issue of U. S. 
Patent 1,956,780 (May 1, 1934), filed December 1, 1931, by Vandeveer 
Voorhees, assigned to Standard Oil Company (Indiana). Both patents 
are practically identical. 
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ture. The raw wax was subjected to the Engler- 
Holde analysis, and yielded 10.80 percent of a par- 
affin of 47.4° C. solid point. It can be seen from this 
that the solid point of this wax is 15° C. above the 
upper limit. at which the sweat oil itself had been 
collected. Similar results were obtained in testing 
other sweat fractions. 

A series of results of specific operations have been 
tabulated in Tables I to III in order to bring out the 
comparative figures of the yields obtained in normal 
sweat chamber practice and those which are ob- 
tained today in the commercial method eliminating 
the sweating pro¢edure entirely, which I have in- 
troduced’. 

The tests were carried out on a dry paraffin oil 
from the refinery, and it was fractionally crystallized 
as described in detail above. Following the same 








principles, the remaining tests were carried out with 
paraffinic products which were also dissolved in 
various solvents. The procedure using solvent calls 
to mind many advantages. Next we have determined 
that the fractional crystallization can be carried out 
in narrow or wide temperature limits, by a suitable 
change in the concentration of the specific solution. 
The number of fractions can be widely regulated by 
means of this change in concentration. At the same 
time the use of certain solvents allows the better 
separation of the separated paraffin from the mother 
liquor; the latter contains oily components which 
adversely affect the quality of the wax. 

The paraffin oil we have employed in our work 
is of Boryslav origin, and was obtained from the re- 
finery of the Derezycka Rafinerja Olejow Minerl- 
nych in Drohobycz. It had been manufactured by 
the usual process. 

A crude oil residue of about 50 percent bottoms 
was distilled to coke, rerunning only the heaviest 
cuts. The properties of this oil were® as follows: 

D. 15° C.—0.877. 

Visc. 50° C.—1.65° E. 

Solid point—32° C. 

Paraffin—18.7 percent (Eng.-Holde). 

The paraffin obtained from it was white in color, 
hard, and showed a melting point of 52.8° C. by 
Shukoff’s method. The above paraffin oil was frac- 
tionally crystallized at the following temperatures: 
24, 17.5, 10, and 3° C.*. The liquid paraffin oil first 
was treated with 2 percent Tonsil clay followed by 
filtration of the earth, before crystallization was al- 
lowed to take place. The paraffinic contents of the 
wax magma, oil and filtrate were determined by a 
series of many single determinations. The figures 
in Table I are the average values of the results 
obtained. 


Inspecting these figures, we obtained paraffin wax 
from cuts “a” to “d” in sequence, which shows solid 
points of 60.5, 54.8 and 54.5° C., by Shukoff’s 
method. The yield of high grade products in paraf- 
fin oil and which were derived from the 60.5 to 
45.5° C. wax, is 13.38 percent or 71.5 percent of the 
total paraffin contents. The average solid point of 
this wax is 55.9° C. The yields of wax from similar 
magmas which were obtained in all filtrations at 
3° C. is 16.53 percent, based on the original material 
or 88.3 percent of the total yield of 18.7 percent. The 
wax shows an average melting point of 54.6° C. In 
the filtrate there still remains 2.17 percent wax 





8’ This oil varied considerably in its tests. During long storage in the 
colder months stratification appeared at the lower levels from which the 
oil was withdrawn for the tests. 

*Under similar working conditions the method was difficult to carry 
out at 0° C., and which we therefore abandoned. At a later date we 
intend to report a series of different tests made below a temperature 
of 0° C. 

5 These figures are an average of yields of two plants over three-year 
periods. Actually the grades 58-60 and 60-62 are only made by one 
plant and they obtain 2.1 percent of 58-60 and 1.2 percent of the 60-62 
grade of wax. 


based on the paraffin oil or 11.7 percent of the 
theoretical yield. This wax which remains in the 
filtrate shows a solid point of 37.5° C. 

For comparison we present the average yields of 
paraffin wax obtained by several of the large refin- 
eries in the Drohobycz region. 

For grades of wax 46-48—4.74; 48-50—11.51; 50- 
52—70; 52-54—7.47; 54-56—4.47; 56-58—0.75; 58-60 
—0.70°; 60-62—0.40 percent, or total of 100 percent. 

Comparison of these figures with our own process 
shows that in the sweating process yields of low 
melting point wax are considerably higher than 
those of high melting point material—in fact, 85 
percent of all the wax shows a melting point of 
om: 

Under 2 in Table II, data is given for the crystal- 
lization and filtration of paraffin oil which was proc- 
essed at 3° C., for comparative purposes. One notes 
that the results of both series of tests agree both as 
to the yields of wax as well as to the solid points of 
the different grades of waxes, regardless of whether 
the wax was derived from the wax magmas or from 
filtrates. 

The remaining figures in Table II deal with tests 
made to determine the contents and yields of high- 
est melting point wax in fhe paraffin oil. For this 
purpose we filtered the first fraction at 30° C., the 
next one at 27.5° C; these three fractions yield 5.3 
percent wax of 61.6° C. melting point based on the 
paraffin oil; based on the total recovery of wax, the 
yield of this grade of wax becomes 28.3 percent. 

The other figures in Table II deal with results 
obtained in determining the yield of 60° C. melting 
point wax. Since the filtration at 25° C. resulted in 
too low a melting point wax, namely 58° C., we fil- 
tered one-half of filtrate I at 26° C., whereby we ob- 
tained the desired paraffin of 60.5° C. melting point. 
The yield of this wax is 4.78 percent based on the 
paraffin oil. Similar test data is given under 1 and 2 
in Table III. In both cases we filtered at 29.5° C. 
and 28° C. The specific gravity of both magmas 
show differences which no doubt are due to differ- 
ences in filtration pressures. The filtrates in both 
cases are identical both as to specific gravity and 
paraffin contents. 

I desire to mention that further work on this sub- 
ject, as well as a study of the Engler-Holde wax 
method is being carried out. 

The above determinations were carried out by 
Dr. Victor Hausman and Edm. Katz in the labora- 
tory of the refinery of Polmin, Panstwowa Fabryka 
Olejow Mineralnych in Drohobycz. 

I am also happy to acknowledge here and wish 
to thank the directors of Polmin, especially Messrs. 
Biluchowski and Dazwanski, for their friendly co- 
operation in carrying out this work; my thanks are 
also extended to my co-workers and colleagues for 
their aid in this research. 
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Combu stion Phenomena 


In the Natural Gas Engine 


HE source of power in the internal combustion 

engine is the chemical energy locked up in the fuel. 
The chemical reaction which occurs between the hy- 
drocarbons composing the fuel and the oxygen in the 
air is exothermic, that is, heat is liberated during the 
process. In the engine cylinder this heat cannot be dis- 
sipated as rapidly as it is released. Hence, it is ab- 
sorbed by the contents of the cylinder with a resulting 
rise in temperature. As the volume is limited, the pres- 
sure rises correspondingly, and this unbalance of force 
on opposite sides of the piston produces the necessary 
motion to turn the crankshaft against the load. 

The basic idea of producing power by burning a heat- 
liberating substance in a cylinder is simple, but there 
are so many factors affecting the efficiency-of the proc- 
ess that much experimental work involving many years 
of development had to be done before reliable and eco- 
nomical engines could be made available. Even with 
the perfected designs now in common use, performance 
results may be made to vary widely by changing the 
adjustment of the various parts or by modifying de- 
tails of the installation. 

The problem of securing best performance will, in the 
usual instance, be more or less completely solved de- 
pending upon the economic incentive. For instance, in 
power plants far removed from a source of cheap fuel, 
much attention is usually given to the fuel rate, but in 
certain installations, such as some natural gasoline 
plants, fuel is so plentiful that much of it is wasted 
anyway. Hence there is apparently very little reason 
to adjust the engine for maximum economy. 

However, in practically all engine installations, re- 
gardless of the cost of the fuel, there is one important 
factor in favor of proper adjustment. Essentially, an 
engine adjusted to burn its fuel efficiently usually will 
have a lower maintenance and replacement cost rate. 
This should be an incentive to all operators regardless 
of fuel costs. 

In attacking the problem of improved economy of op- 
eration, many methods of approach are possible. All 
should be given consideration, but, as it is not possible 
to analyze the factors in so many variables all at one 
time, this article is confined to combustion phenomena. 
The theoretical conditions will be first considered and 
then an example of actual application will be cited. 


COMBUSTION WITH THE CHEMICALLY CORRECT 
AMOUNT OF AIR 


Fuels used in natural gas engines consist of mixtures 
of compounds of carbon and hydrogen. The major por- 
tion of most natural gases is methane, CH,, and, since 
combustion is essentially a chemical process, the com- 
bustion of methane may be expressed as a chemical re- 
action with oxygen. As air is the source of the oxygen, 
it is usually convenient to show the nitrogen in the 
equation although it takes no part in the reaction. For 
methane, then: 

CH,+20:+ 2 X 3.78 N: ~ CO: + 2 H:0 + 2 X 3.78 N: 
By inspection it is seen that there is the same number 
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PART I 


Theoretical Combustion Conditions 


of atoms of carbon, hydrogen, oxygen, and nitrogen on 
each side of the equation, hence, we may say that just 
the correct amount of air as shown by the O, and N, 
is available to completely burn the CH,. 

The coefficients preceding the various substances rep- 
resent the number of mols of the substance, a mol of 
gas being an amount equal to its molecular weight in 
pounds. From the above equation, it requires 


2+2 X 3.78 
1 


= 9.56 mols 





of air to burn one mol of fuel. But for any given tem- 
perature and pressure, a mol of any of these gases rep- 
resents a definite number of cubic feet. This relation is 
obtained from the general equation for gases 


PX V=158 XT 


where P is the pressure on the gas in lbs. per sq. ft. abs. 

V is the volume of one mol, cu. ft. 

1544 is the Universal gas constant, i.e., it is the mol- 
ecular weight of a gas times its gas constant. 
The value is the same for all of the gases with 
which we are dealing. 

T is the temperature of the gas in °F. abs. 

For standard conditions, the volume of a mol of 
gas is: 


1544 X (60 + 460) 
V= = 379 cu. ft. 
14.7 & 144 

Obviously, the coefficients in the equation for the burn- 
ing of methane may also be considered as cubic feet. 
Hence, the chemically correct air-fuel ratio for methane 
is 9.56/1 or stated in another way, it requires 9.56 cubic 
feet of air to completely burn one cubic foot of methane. 
It is readily apparent that the size of an engine burning 
methane is determined much more by the volume of air 
it has to handle than by the volume of fuel. 

Natural gas frequently contains a considerable quan- 
tity of ethane. The combustion equation for this gas is 
as follows: 


C2He+3.5 O2+ 3.5 X 3.78 Ns > 2 CO: + 3 H,0 + 3.5 X 3.78 N; 


The chemically correct air-fuel ratio for this hydro- 
carbon is (by volume) 
16.73 


3.5 + 3.5 & 3.78 


1 1 


Similarly, for propane, butane, ethylene, etc., the equa- 
tions may be balanced and the correct air-fuel ratios 
determined, Table 1, but it is somewhat tedious, espe- 
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cially with the heavier hydrocarbons, to determine the 
coefficients necessary to balance the equations. The fol- 
lowing general equation is useful for this purpose: 


C.Hy +( x+ ~) O:+ (x + — )s.z7en, ~~» xCO,-+ = H:0 + 


SJ 
4 


where CxHy represents the hydrocarbon type such as CH, 
etc. 


y 
(x+=) represents the volume of oxygen theo- 
4 / retically required for each volume of fuel. 
3.78 represents the proportion by volume of nitrogen 
to oxygen in the air. 
x represents the volume of CO, formed. 


y 
— represents the volume of water vapor (H:0) 
2 


formed. 
Applying this equation to butane: 
10 10 10 
C.Hw» +1 4+ =)0 +(4 + = )s78% — 4CO: + —— H.0 + 
4 4 2 


10 
(: + —) 3786: 
4 


or 
C,H» + 6.5 O2+ 24.57 N2— 4CO.+ 5 H2O0 + 24.57 N: 


By inspection it is seen that the same number of atoms 
of each substance appear on each side of the equation. 
Hence, the equation is balanced. It would have taken 
considerably longer to determine the proper coefficients 
for the various terms by the usual cut and try method. 

In addition to determining the correct amount of air 
necessary for complete combustion, it is useful to know 
the relative proportions of the various substances in the 
burned charge. In many steam power plants a continual 
check on the carbon dioxide content of the stack gases is 
made, and this information enables the firemen to prop- 
erly adjust the burners under the boilers. Such checks 
are also desirable in internal combustion engine plants, 
but they are much less frequently made, partly because 
of lack of reliable means for checking and partly be- 
cause the operator does not know what the results 
should be. 

It is ordinarily impossible to attain a condition of 
operation in which the actual CO, content is as high as 
the theoretical CO, content, but, if the latter value is 
known, a standard of approach is had which is useful 
for comparison. 

Referring to the equation for the burning of methane, 
it is seen that, when one cubic foot of CH, is burned, 
1 cubic foot of CO,, 2 cubic feet of water vapor, and 
7.56 cubic feet of N, appear in the exhaust. The per- 
centage analysis of the exhaust gases is 











1x 100 
1+2+ 7.56 
2x 100 
% H:O= = 18.90 
1+2+ 7.56 
7.56 < 100 
% Nz: = = 71.65 
1+2+ 7.56 


However, this assumes the water to be in vapor form, 
but, for comparison with Orsat results which are always 
taken well below the boiling point of water, it is more 
logical to disregard the volume occupied by the water 
vapor since the water as a liquid occupies a negligible 
proportion of the space. Therefore, for comparison 
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with Orsat results, the theoretical exhaust gas analysis 


for CH, is: 








1 x 100 
1+ 7.56 
7.56 < 100 
% N2 = = 3 
1+ 7.56 


From this, when burning methane, we would expect 
the Orsat to show a maximum CO, content of near 11.7 
percent. Actually, due to a number of factors, the per- 
centages of CO, under good conditions in the two-stroke 
cycle engine seldom exceeds 7 or 8 percent. Theoretical 
percentages of CO, for several fuel gases are given in 


Table 1. 
































TABLE 1 
B.t.u./ | B.t.u./ 
For- Mol. Sp. CO2 Cu. ft. | Cu. ft. 
GAS mula wt. Gr. A/F Percent; Fuel Mix. 

Methane...| CH4 16 .556 9.56 PS 1012 95.9 
Ethane....| C2H6 30 1.04 16.73 13.1 1762 99.4 
Propane...| C3Hs 44 1.526 23.9 13.7 2509 101.0 
Butane....| CaHi0 58 2.015 31.09 14.0 3261 101.9 
Ethylene...| C2H4 28 .973 14.35 15.0 1641 107.0 
Propylene..| C3He 42 1.459 | 21.5 15.0 2354 104.5 
Butylene.. .| CaHs 56 1.942 28 .7 15.0 3087 104.0 
Acetylene..| C2H2 26 .903 11.95 17.5 1483 | 114.6 








Since the heat energy of the fuel is the source of 
power in the engine, it is logical to assume that, if other 
conditions are right, the power output of an engine can 
be increased by increasing the heat energy taken into 
the cylinder per unit time. The heat energy per cubic 
foot for the different fuel gases varies rather widely, 
Table 1, but with each volume of fuel entering the 
engine, enough air must also enter to burn the fuel. 
Hence, the power that the engine can develop is de- 
termined by the heating value of the air-fuel mixture 
rather than by the heating value of the fuel alone. It is 
readily seen, Table 1, that although the range in heat 
content for the various gases varies widely, the heat 
content per cubic foot of air-fuel mixture does not vary 
more than a few percent. From this, we would expect 
the power output of any given engine to be about the 
same regardless of the gas it was burning. It should be 
noted, however, that in changing from say propane to 
methane, the air valve will have to be adjusted to give 
the correct mixture. If the air-fuel ratio is correct for 
the propane and no change is made in the air valve, 
then the engine will be receiving too much air when 
burning methane, and, due to the lean mixture, the 
power and efficiency will be reduced. 

Figures 1, 2, and 3 are of interest in this connection 
since heating value and specific gravity are usually 
found in routine gas analysis work. For any given series 
of hydrocarbon, the correct air-fuel ratio appears to 
vary directly with the heating value and also with spe- 
cific gravity. Hence, changes in the quantity of air ad- 
mitted may be made proportionate to the changes in 
heating value or specific gravity. However, a consider- 
able quantity of inert substances such as N, or CO, 
probably would affect the results and Figures 1, 2, and 
3 would no longer apply. 


MIXTURES OF GASES 
Practically all natural gases available for engine use 
are mixtures of two or more hydrocarbon gases and 
usually some small quantity of inert substances such as 
N, or CO,. For example, a recent analysis of gas avail- 
able in Central Oklahoma showed the following : 


Constituent Percent by Volume 
Gas (60° F. and 14.7 Ibs./sq. in. abs.) 
CH, 92.5 
C2H. 7.1 
CO: 0.4 
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Considering a cubic foot of this gas, the air required 
to burn the CH, is: 
9.56 & .925 = 8.84 cu. ft. 
The air required to burn the C,H, is: 
16.73 & .071 = 1.19 cu. ft. 
Therefore, the air required to burn a cubic foot of the 
mixture is: 
8.84 + 1.19= 10.03 cu. ft. 
The heating value of the CH, in a cubic foot of the 


fuel is: 
1012 «& .925 = 936 B.t.u. 


The heating value of the C,H, is: 
1762 & .071 = 125.5 B.t.u. 
and the total heating value per cubic foot of fuel is: 
936 + 125.5= 1061.5 B.t.u. 

The heating value of a fuel determined in this way is 
usually slightly different from that found by a calori- 
meter, but for most purposes it is sufficiently accurate. 

The theoretical exhaust gas analysis may be found 
as follows: 

For .925 cubic foot of CH, 
.925CH.+ 1.85 O2-+ 7N2—> .925 CO.+ 185 H:0 +7N; 
For .071 cubic foot of C,H, 

.071 C2He + .248502-+ .942 N2 — .142 CO.+.213 H.O + .942N, 
The total CO, formed per cubic foot of fuel burned is: 
925 + .142 = 1.067 cu. ft. 

The CO, already in the fuel is .004 cubic foot. Hence, 
the total CO, appearing in the exhaust per cubic foot 


of fuel burned is: 
1.067 + .004 = 1.071 cu. ft. 


The total H,O formed per cubic foot of fuel burned is: 
1.85 + .213 = 2.063 cu. ft. (vapor). 
The total N, appearing in the exhaust per cubic foot of 


fuel burned is: 
7 + .942 = 7.942 cu. ft. 


Disregarding the volume occupied by the condensed 
water vapor the theoretical exhaust gas analysis is: 








1.071 100 

% CO:= = 11.9 
1.071 + 7.942 
7.942 * 100 

% Nia = = 88.1 
1.071 + 7.942 


So far it has been assumed that if enough air is sup- 
plied to completely burn the fuel, all of it will burn. 
However, it is seldom possible to completely attain this 
condition, although it can be closely approached. There 
are a number of contributing factors, but improper or 
incomplete mixing of the fuel and air is the principal 
cause. The time available for mixing the fuel and air is 
very short, and, of course, if the fuel and air molecules 
do not come in contact, they cannot combine chemically. 

Such fuel as does not burn escapes to the exhaust and 
is lost or if it is only partially burned carbon monoxide 
representing usable fuel escapes. Frequently poor mix- 
ing causes carbon formation, overheating, a tendency to 
detonate, etc., in addition to a loss of power. 

To compensate for mixing difficulties, an excess of 
air may be used. The resulting increase in oxygen makes 
the probability of each fuel molecule finding an oxygen 
molecule greater. Hence combustion is more nearly com- 
plete and less fuel is wasted, but, as will be shown later, 
less power will be developed. 

As there is more oxygen than necessary to burn the 
fuel, some of the oxygen passes through the engine 
unchanged. For example, the theoretical combustion of 
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FIGURE 4 


CH, with 10 percent of excess air is: 
CH,+ 1.1 X 20. + 1.1 & 2 X 3.78N: ~ CO: + 2H:0 + 
| 202+ 1.1 X 2X 3.78N2 
i] The air fuel ratio by volume is: 
a 22+831 10.51 





| peers rm 

i 

The theoretical exhaust gas analysis, disregarding the 
volume occupied by the water 1s: 

1 











} % CO:= = 10.52 
1+ 2+ 831 
2 
q 1+ .24831 
| 8.31 
J Ne = = 87.38 
1+ 24831 
H The heating value per cubic foot of air-fuel mixture is: 
1012 
q ———— = 87.7 B.t.u. 
" 1+ 10.51 


Referring to Table 1, it is seen that this is less than the 
i heating value of the correct mixture. Hence, an engine 
burning methane with 10 percent excess air would theo- 
retically develop less power than one using the correct 


i ; : ‘ , ‘ 

if mixture. This will be the case in actual practice as well, 
| except possibly when mixing conditions are very poor. 
i The theoretical variation of heating value and ex- 


haust gas constituents with lean mixtures, corresponding 
} to various percentages of excess air, is shown in Fig- 
( ure 4. 
f COMBUSTION WITH AN EXCESS OF FUEL 
Although there is a wider deviation between theo- 
retical and actual results, for rich mixtures, the condi- 
tions of combustion may be approximately calculated. 
q To do this, it is frequently assumed that all of the 
) hydrogen in the fuel burns first, then the carbon burns 
to carbon monoxide, and finally, if any oxygen remains, 
some of the carbon monoxide burns to carbon dioxide. 
4 Again using CH, as an example and assuming a five 
percent deficiency of air, the procedure in calculating is 
as follows: 
7 CH. + .95 & 202+ .95 & 2 X 3.78N:—> 
4 ZCO,+ (X —Z)CO+ 2H:0 + .95 X 2 X 3.78N: 


; 1 Haslam and Russell, ‘‘Fuels and Their Combustion,” page 205. 


gs aE 


In this expression, X corresponds to the subscript for C 
in the CH,. The value of Z may be determined as fol- 
lows: 

95 X 2=1.9 volumes of O; 
are supplied. The oxygen necessary to burn the hydro- 
gen to water vapor is 20(=—=1 O,). The oxygen remain- 
ing after the hydrogen has burned is 
This will be divided between the CO and the CO, as 
follows: 

.02= ZO: + Y%(x—Z) O:2 


(x— Z) O= Y“’(x—Z) O:2 
But, for CHs, x= 1. Hence 
9=Z+%(1—Z) 
Z=8 
1—Z=.2 
Substituting these values in the above equation 


CH, + 1.90: + 7.18N2— 8CO.+ .2CO + 2H:0 + 7.18N, 
As the same amount of carbon, hydrogen, oxygen, and 


nitrogen appears on each side, the equation is balanced. 
The air-fuel ratio by volume is 


since 


or 


Solving 














1.9 + 7.18 9.08 
eee 
The theoretical exhaust gas analysis is 
8 
% CO;= = 9.78 
8+ 2+ 7.18 
yr 
% CO= = 244 
8+ 2+ 7.18 
7.18 
% Nz = = 87.78 
8+.247.18 


When 1 + 9.08 = 10.08 cubic feet of air-fuel mix- 
ture are burned under the above conditions, .2 cubic 
foot of carbon monoxide are formed. Hence 


2 





= .01984 cu. ft. of CO 
10.08 

will be formed per cubic foot of air-fuel mixture 
burned. The heating value of carbon monoxide is 322.6 
B.t.u. per cubic foot,’ and the heat lost per cubic foot 
of fuel burned due to the escape of carbon monoxide 
to the exhaust is .01984  322.6—64 B.t.u. Hence, 
the heat liberated is 

1012 

—————— 6.4= 94 B.t.u. per cu. ft. 

1 + 9.08 

Referring to Table 1, it is seen that this is less than 
the heat liberated when one cubic foot of the correct 
mixture is burned. It would be expected, therefore, that 
rich mixtures would develop less power. For very rich 
mixtures this is the case, but for slightly rich mixtures 
it is frequently possible to develop more power than 
for correct mixtures. In gasoline engines this is especial- 
ly noticeable, but in gas engines, at least as far as the 
very limited available data show, the effect of slightly 
rich mixtures is not so pronounced. 

Because of the loss to carbon monoxide the efficiency 
of an engine burning rich mixtures is appreciably re- 
duced. This prediction is borne out in actual tests. 

The variation of theoretical percentages of CO,, CO, 
and B.t.u. per cubic foot of air-fuel mixture for’ differ- 
ent air fuel ratios less than the chemically correct ratio 
are shown on the “rich” side of Figure 4. 
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Nomographic Charts for 


Measuring Flow of Viscous Fluids 


OR many years orifices, nozzles, and other differ- 

ential producing fluid meters have been used 
successfully for the flow measurements of water and 
other non-viscous fluids. This type of meter, how- 
ever, has not been generally accepted for the 
measurement of the more viscous fluids, principally 
because accurate meter coefficients have not been 
available for such fluids. It is for this reason that 
extensive tests now are being conducted at the Uni- 
versity of Oklahoma for the determination of ac- 
curate coefficients applicable to differential produc- 
ing fluid meters. It is expected that the conclusions 
drawn from this research project may, upon its com- 
pletion, materially alter methods of fluid measure- 
ment. 

It has been generally accepted that meter coeffi- 
cients, as well as pipe line friction factors, vary di- 
rectly with the pipe diameter and fluid velocity; and 
inversely as the kinematic viscosity of the fluid being 
transported. For this reason a number containing 
these items is a logical abscissa against which to 
plot coefficients and friction factors. The abscissa 
universally used is the Reynolds Number or Criter- 
ion which is’ the product of the velocity in feet per 
second; the diameter of the pipe, orifice, nozzle, or 
venturi throat in feet; and the reciprocal of the kine- 
matic viscosity in poundal foot seconds. The unit is 
named after Osborne Reynolds who first propounded 
the theory. Flow factors for any gases or liquids 
form a single curve when plotted against this ab- 
scissa. 

The first of these charts is for the determination 
of the Reynolds Number applicable to the flow con- 
ditions at hand. This value is determined in the fol- 
lowing manner. A straight line is drawn from the 
diameter of the differential producer to the gravity 
of the fluid being metered. The intersection of this 
line with the left dummy scale is noted. Next, a 
straight line is drawn from the viscosity of the fluid 
to the flow in pounds per hour intersecting the right 
dummy scale. A straight line is then drawn from the 
points of intersection of the two dummy scales in- 
tersecting the intermediate Reynolds Number Scale. 
This intersection gives the Reynolds Number for 
the flow conditions at hand. 

With the Reynolds Number known, the proper 
coefficient may be obtained from the graph accom- 
panying this article or from the results of research 
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Charts Described in this Article 
Appear on Pages 78, 79 and 80 





H. V. BECK 


Assistant Professor, School of Mechanical 


Engineering, University of Oklahoma 


that will be published after their accurate determina- 
tion. The graph of coefficients accompanying this 


article is the collaboration of data from the best. 


sources available at the present writing. 

After the coefficient has been determined the sec- 
ond chart may be used for accurately determining 
the rate of flow. This chart is used in the following 
manner. A straight line is drawn from the diameter 
ratio, of the differential producer to the pipe; to the 
gravity of the fluid. From the intersection of this 
line with the left dummy scale, a straight line is 
drawn to the coefficient for the meter. From the in- 
tersection of this line with the right dummy scale, a 
straight line is drawn to the observed differential 
pressure. From the intersection of this line with the 
intermediate dummy scale, a straight line is drawn 
to the diameter of the differential producing meter. 
The intersection of the last line drawn with the flow 
scale gives the resulting flow in pounds per hour. 

It is obvious that a “cut and try” method may be 
necessary, especially when the flow is in the viscous 
region, but this is unavoidable whether charts or the 
basic equations be used. There are many other uses 
for charts of this type which will become apparent 
after one has become familiar with their use; such 
as, the approximation of the size of orifice or nozzle 
required to give a satisfactory differential pressure. 

Calculations based upon charts of this type should 
be as accurate as the data upon which the calcula- 
tions are based. The only requirements are that a 
perfectly straight rule be used to locate the intersec- 
tions, and that the reproductions of the charts are 
not to too small a scale to give accurate and read- 
able points of intersection. 
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Pump Lubrication 


Saving Effected by Installation 
of a Kew Simple Changes 


VEN though in the business of manufacturing lubri- 

cants, the refinery and its feeder, the pipe line, 
tighten down and keep as close a check of lubricat- 
ing oil used as do any other well managed busi- 
nesses. 

So, when word went through one major company’s 
system that too much oil was being used, the chief 
engineer of one main line pumping station did more 
than issue the usual routine “use less oil” order, 
which results in the oilers skimping the bearings for 
a few days, only to return gradually to former slack- 
ness. ; 

Bearing by bearing, and unit by unit, the station 
was canvassed for possible economies, the lubrication 
arrangement of the gear-driven pump crossheads, as 
the only spot where sliding instead of rotating fric- 
tion was encountered, being especially studied. 

The crosshead babbitt-faced bearing shoes were 


ELTON STERRETT 


through the rod and to the crosshead, be drawn to 
scale and the various positions of the crank pin 
plotted with the crosshead at each end and at the points 
where the leading or trailing edge of the shoe, depend- 
ing upon the direction of travel, first fails to cover the 
oil hole, an entirely different—and incidentally, correct 
—set of figures is obtained. 

From the sketch, Figure I, showing a typical pump 
with a 14-inch crosshead shoe, a five-foot connecting 
rod, and a 24-inch stroke, if the crank be rotated 
clockwise, it is evident that the pin must travel from 
the forward dead center “F” to point “D” before the 
leading edge of the crosshead can cover the oil duct. 





FIGURE 1 
C—Crosshead. 
R—Connecting rod. 

F, D, E, B, E, and D,— 


Crank pin circle. 


ee 








Q—Optimum point for 
lubricator setting. 

L—Lubricator setting 
as originally. 
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14 inches in length, for a stroke of 24 inches. As is 
the usual practice on such pumps, the sight-feed lu- 
bricator for this bearing was mounted above the 
upper shoe, at the center of crosshead travel. Inspec- 
tion of the units showed oil spattering over the pump 
casting to both sides of the lower slide, and trickling 
down the connecting rod to disappear into the dark- 
ness under the crank shield. Occasionally oil drops, 
falling when the crosshead was clear back, would 
even land on the extreme rear end of the pump 
plunger. 


After having this oil loss pointed out to them, it 
was the unanimous opinion of the men in the station 
crew that, with a 14-inch shoe and a 24-inch stroke, 
there was 10 inches in each stroke, or 20 inches of 
crosshead travel out of each pump cycle, in which 
the oil, fed slowly past the needle valve of the lubri- 
cator, could miss the shoe and be wasted. Continu- 
ing to reason from this, they computed the percent- 
age of oil intercepted, and therefore used, at 58, the 
loss at 42 percent. 

If, however, the pump drive from the crank ‘pin 
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On the sketch, the arc thus traveled by the crank 
pin measures approximately 51 degrees. 

Continuing the revolution, while the crosshead is 
passing the oil hole, the crank advances to point “E”, 
measuring approximately 70 degrees past “D.” From 
“E” on to the back dead center, where heavy dashed 
lines indicate the crosshead position, the trailing 
edge of the shoe is travelling even further from the 
oil hole, being five inches distant at the extreme end 
of the stroke. 


Expressing this travel from the sketch of Figure I: 


Losing angle F—D 51 Deg. Oil wasted 
Useful angle D—E 70 Deg. Oil intercepted 
Losing angle E—B 59 Deg. Oil wasted 


B—E, 59 Deg. 
E:;— Dy 
D:—F 51 Deg. 
Losing angles each rey. 220 Deg. 
Useful angles each rev. 


Oil wasted 
70 Deg. Oil intercepted 
Oil wasted 


Losing angle 
Useful angle 
Losing angle 


140 Deg. 


When thus listed and summed up, it becomes 
plainly apparent that, instead of intercepting the 
falling oil drops 58 percent of the time, the cross- 
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head shoe is on the spot only 39 percent of each rev- 
olution; or, in other words, this method of lubrica- 


tion insures the waste of 61 percent of the oil fed 


through that particular lubricator. 

As the crosshead bearing required a filling of the 
half-pint lubricator once for each six-hour shift, each 
shoe required one quart of oil per 24-hour day, or 
half a gallon per pump. There being six units in the 
station, daily consumption of oil for this one class 
of bearing amounted to three gallons, or 90 gallons 
per month, of which 54.9 gallons—being 61 percent 
of the total—was waste. A complete loss so far as 
any lubricating service was concerned. 

Having thus come upon a sstartling large oil 
waste, the next step was to correct conditions so as 
to save this fifty-odd gallons of oil thrown away each 
month. 

By referring to Figure I, it appears that simply by 
moving the location of the lubricator from “L” five 
inches toward the crank to the point “Q,” at the 
edge of the crosshead shoe when at back center, the 
percentage of effective oil interception would be in- 
creased by the arcs E-B and B-E,. or 118 degrees 
out of each revolution added to the 140 degrees orig- 
inally utilized. This minor change in pump design 
immediately brings up the percentage of entire op- 
erating time the crosshead shoe is in position to re- 
ceive lubrication from 39 to 72 percent. 

With a view to saving the 25 gallons of oil that 
would still be dropping to miss their target even 
were the lubricator shifted to point “Q,” the gadget 
sketched in Figure 2 was developed, and installed 
experimentally on one pump. 

A six-inch length of 3%-inch copper tubing, shown 
by “T” in the sketch, was flattened along its upper 
face, and the flattened section cut out to leave a 
shallow, canoe-shaped vessel, open at both ends. 





FIGURE 2 
T—Oil intercepting tube. 
D—Closed end of tube. 
F—Oil feed incline. 
S—Portion of shoe. 
X—Portion of crosshead. 
B—Supporting bracket. 
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The end “D” was then sealed, and an incline built 
up with solder within the other end at “F.” With a 
file, this incline “F” was continued from the tube 
position into the babbitt of the shoe “S.” With the 
vessel “T” held in place with a suitable bracket as at 
“B,” the tube was fastened oil-tight so as to project 
out from the crosshead shoe in the direction of travel 
and far enough so that the oil dropping from the lu- 
bricator even at the extreme end of travel would be 
caught in the shallow scoop. 


At one reversal of crosshead travel the oil caught 
in the bit of opened tube is impelled, by its own 
inertia, into the sealed end “D,” banking up there 
without loss and gradually redistributing itself over 
the bottom during the crosshead travel. At the next 
reversal this oil, again under the effect of inertia, 
banks in the other end of the tube, is forced up the 
incline “F” and through the opening into the sloping 
slot in the crosshead shoe, there being further aided 
in uniform distribution over the wearing surfaces by 
capillary attraction of the confined space. 

With one of these “oil-saver” devices at each end 
of the crosshead shoe the one at the forward end, in 
regard to motion just being set up, is the one which 
tends to spread its lubricant. This placing of oil 
comes just when it is most required, as even in a 
comparatively slowly turning pump there is a ten- 
dency of the rod to whip with each.reversal or direc- 
tion; and it is this tendency toward whip that im- 
poses the greatest momentary unit pressure between 
shoe and upper slide. 


Having installed two pairs of these home-made oil 
savers on the trial pump, it was gratifying to note 
that an immediate oil saving was effected. Not only 
was the engineer able to cut down the oil fed to the 
crosshead shoes by the saving indicated from a study 
of Figure I; but an additional economy in oil feed 
was experimentally determined to be permissible, 
due to bettered lubrication obtained through having 
the oil flushed into the space between shoe and slide 
at the beginning of the stroke, with the remainder 
of the stroke to insure its even distrilbution. 


After all six pumping units had been similarly 
equipped, a separate crosshead oil supply was main- 
tained, and extended operation showed an average 
monthly consumption of only 24 gallons for lubricat- 
ing all crosshead shoes, as against the 90 customarily 
expended before development of the oil-saver. 


Determination of the degrees of arc included in the 
effective and wastage sections of the crank pin circle 
as used in the computations cited was made graph- 
ically, by drawing the crank throw and rod to scale 
and then measuring the angles concerned with a pro- 
tractor. These angles are, of course, capable of being 
computed mathematically, but in the case of the sta- 
tion in which they were put to such good use, it re- 
quired the graphic method to convince some of the 
station crew that their plan for figuring oil-intercep- 
tion effectiveness from crosshead travel failed to 
take into account varying rates of speed at which the 
crosshead travelled. If the values be worked out 
geometrically, it will be found that the error intro- 
duced through the graphic method is at most but one 
or two percent. 

By making the oil-saver tubes and brackets from 
copper, any danger of marring or ruining an upper 
slide through one of the devices becoming accident- 
ally bent or jammed is avoided, and the weight kept 
down so that a very light bracket may be used. 
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